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FOREWORD

The ACS Sympostum Series was founded in 1974 to provide
a medium for publishing symposia quickly in book form. The
format of the Series parallels that of the continuing ADVANGES
IN CHEMISTRY SERIES except that in order to save time the
papers are not typeset but are reproduced as they are sub-
mitted by the authors in camera-ready form. Papers are re-
viewed under the supervision of the Editors with the assistance
of the Series Advisory Board and are selected to maintain the
integrity of the symposia; however, verbatim reproductions of
previously published papers are not accepted. Both reviews
and reports of research are acceptable since symposia may
embrace both types of presentation.
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PREFACE

he symposium upon which this volume is based focused on three areas

in reaction engineering: fluidized bed reactors, bubble column reactors,
and packed bed reactors. Each area comprises a section of this book.
Professor J. R. Grace chaired and coordinated the fluidized bed sessions;
Professors Y. T. Shah and A. Bishop, the bubble column reactor session;
and Professor A. Varma, the packed bed reactor session. Each section in
this book opens with a brief review chapter by the session chairman that
includes an overview of the chapters in each session.

Fluidized bed reactors have received increased interest in recent years
owing to their application in coal gasification. The section on fluidized
beds discusses critical areas in fluid bed reactor modeling. Computer simu-
lation of both solid-catalyzed gas phase reactions as well as gas—solid
reactions are included.

In the section on bubble column reactors, the hydrodynamic parame-
ters needed for scale-up are presented along with models for reaction and
heat transfer. The mixing characteristics of columns are described as are
the directions for future research work on bubble column reactors.

The packed bed reactors section of this volume presents topics of
catalyst deactivation and radial flow reactors, along with numerical tech-
niques for solving the differential mass and energy balances in packed bed
reactors. The advantages and limitations of various models (e.g., pseudo-
homogeneous vs. heterogeneous) used to describe packed bed reactors
are also presented in this section.

H. ScotTt FOGLER
The University of Michigan
Ann Arbor, MI 48109

June 1, 1981

ix
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Fluidized Bed Reactor Modeling

An Overview

J. R. GRACE

Department of Chemical Engineering, University of British Columbia,
Vancouver, Canada V6T 1W5

Critical areas in fluid bed reactor modeling are dis-
cussed in the light of papers in this symposium.

There continues to be a wide diversity of assumptions
underlying models. However, it is now clear that pre-
dictions are generally much more sensitive to some
assumptions than to others. For example, proper mod-
eling of interphase exchange is generally more criti-
cal than the assumptions adopted to describe axial
gas dispersion in the dense or emulsion phase. For
the 1980's advances are looked for in a number of
areas, especially in more sophisticated computer mod-
els, unsteady state representations suitable for con-
trol purposes, models which describe high velocity
regimes of fluidization, inclusion of grid and free-
board effects, and study of radial gradients.

This volume brings together a number of papers under the
theme of fluidized bed reactor modeling. This field is of rela-
tively recent origin. Table I gives the emphasis in research in
successive decades beginning with the 1940's. It is seen that
early research was devoted primarily to practical problems associ-
ated with the operation of fluidized bed reactors and to very
simple models. With the passage of time models have been devised
which are increasingly sophisticated. Reviews of the commercial
development of fluidized beds as reactors have been prepared by
Geldart (1,2). In the 1970's there were a number of reviews (3-7)
which considered fluidized bed reactor modeling.

In order to be able to represent the behaviour of fluidized
bed reactors with confidence, one must have a thorough understand-
ing of the bed hydrodynamics and of the reaction kinetics. Almost
all of the reactions carried out in fluidized beds are either
solid-catalysed gas phase reactions or gas-solid reactions. (We
will not consider here homogeneous gas phase reactions, reactions
in liquid fluidized beds or reactions in three phase fluidized
beds.) While the chemical kinetics can often be highly complex,

0097-6156/81,/0168-0003$05.00/0
© 1981 American Chemical Society
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4 CHEMICAL REACTORS

for example in the gasification or combustion of coal, the hydro-
dynamic aspects have given the greatest difficulty and have been
subject to the greatest debate. While considerable progress has
been made in achieving an understanding of many aspects of bed
behaviour, there are many features which remain poorly under-
stood. Some of these (e.g. regimes of bed behaviour, gas mixing
patterns, and exchange of gas between phases) can affect pro-
foundly the nature of the model adopted.

Table I: Focus of Research on Fluidized Bed Reactors

Decade Emphasis

1940's Practical design and operation problems. Single
phase models only.

1950's Simple two-phase models for gas-phase solid-catalysed

reactions.

1960's Incorporation of properties of single bubbles. Early
models for gas-solid reactions.

1970's Addition of end (grid and freeboard) effects. More
sophisticated models for specific gas-solid reactions
including energy balances. Consideration of complex
kinetics.

1980's ? Probable emphasis on non-bubbling (turbulent and
fast fluidization) regimes. Probable consideration
of effects of aids to fluidization (e.g. centrifugal,
magnetic and electrical fields, baffles). Increasing
emphasis on more complex hydrodynamics and kinetics,
with models requiring computers for solution.

The papers presented at the Las Vegas symposium, most of
which are reproduced in this volume, both illustrate the diver-
sity of modeling approach and show some new directions for reactor
modeling in the 1980's. Before turning to these matters in de-
tail, it is necessary to discuss briefly three of the papers
which are fundamentally different in focus from the other eight.

The paper by Ramirez et al (8) considers the important ques-
tion of particle-to-gas heat transfer in fluidized beds. In ad-
dition to the importance of this question in its own right, par-
ticle-to-gas heat transfer can be important for fluid bed reac-
tors, for example in determining thermal gradients in the entry
(grid) region, in establishing the surface temperature of parti-
cles undergoing reactions, and via the analogous case of gas-to-
particle mass transfer. There has been considerable controversy
over the fact that Nusselt and Sherwood numbers have been found
to fall well below 2, the lower limit for a single sphere in a
stagnant medium. Ramirez et al produce further evidence of Sh
<< 2 and Nu << 2 and consider these results in the light of
transfer models in the literature.

The paper by Blake and Chen (2) represents an extension of

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch001

1. GRACE Fluidized Bed Reactors 5

the novel approach adopted by the Systems, Science and Software
group. In what must be the most ambitious and comprehensive
fluidization modeling effort to date, this group has used modern
computational techniques to solve a set of equations representing
the physics and chemistry of fluidized bed coal gasifiers. Hy-
drodynamic fixtures are represented by a set of continuum equa-
tions and constitutive relationships, while chemical kinetics
equations are written for key heterogeneous and homogeneous re-
actions based on studies reported in the literature. In previous
papers, the authors have shown that the model gives a realistic
simulation of a jet of gas issuing into a bed of solids. 1In the
present paper they seek to duplicate results obtained in the IGT
and Westinghouse pilot scale reactors. The results are of con-
siderable interest, giving a good match with most of the experi-
mental results.

A further paper by Gibbs (10) deals with design and modeling
of centrifugal fluidized beds. 1In this case gas is fed radially
inwards into a spinning bed. On account of the greatly augmented
effective gravity force, greater through-puts of gas can be ac-
commodated and entrainment is greatly lowered. This new tech-
nique has received attention in the late 1970's especially in
connection with coal combustion. Some unique problems are en-
countered, e.g. the minimum fluidization velocity becomes a
function of bed depth, while particles ejected into the "free-
board" by bubbles bursting at the bed surface travel initially
nearly at right angles to the gas exit direction. This paper
gives a preliminary scheme for dealing with some of these
problems.

Classification of Reactor Models

There are many choices to be made in fluid bed reactor mod-
eling and little unanimity among those who devise such models on
the best choices. Table II lists some of the principal areas
for decision and the corresponding choices of the other eight
papers at this symposium (11-18).

Phases. Both two-phase and three-phase representations are
widely used as shown schematically in Figure 1. In two-phase
representations the dilute phase may represent bubbles alone, jets
(in the grid region), or bubbles plus clouds. Three-phase repre-
sentations generally use the scheme followed by Kunii and Leven-
spiel (19) whereby bubbles, clouds, and "emulsion" (i.e. that
part of the non-bubble bed not included in the clouds) are each
treated as separate regions. As shown in Table II, all of these
possibilities are represented in the models adopted by the
authors in this symposium. There appears, however, to be an in-
creasing tendency to adopt three phase models, probably as a re-
sult of experimental results (20) which showed that the Kunii and
Levenspiel model gave a better representation of measured concen-
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Figure 1. Schematic of two-phase and three-phase representations for fluidized
beds operating in the bubble regime: B, bubble phase; C, cloud phase; D, dense
phase; E, emulsion phase: Two-phase models, a and b; three-phase models, ¢
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1. GRACE Fluidized Bed Reactors 7

tration profiles for a particular particle size than other models
tested. The bubbles themselves are usually treated as being com-
pletely devoid of particles, but it is important (21) that solids
dispersed in the bubbles be included with the bubble phase for
fast reactions, even though their concentration is small (typi-
cally < 1% by volume).

Gas Mixing in the Dense or Emulsion Phase. No other feature
of fluidized bed reactor modeling has been subjected to so many
alternative assumptions as axial mixing in the dense phase. At
least eight possibilities have been tried as shown in Figure 2.
These range from upward plug flow, through perfect mixing and
stagnant gas, to downflow. Intermediate degrees of mixing have
been represented by axial dispersion models and well-mixed
stages in series. As shown in Tabe II many of these possibili-
ties have been covered in the present symposium.

In view of the large number of disparate representations of
dense phase axial mixing, one might easily conclude that this is
one of the more important modeling features. In practice this is
not the case, unless high conversions (e.g. 90% or greater in a
single stage) are sought. For lower conversions, overall reactor
performance tends to be insensitive to the pattern of axial mix-
ing adopted (21). There are several illustrations of this point
in this symposium. In the paper by Jayaraman et al (16), re-
placement of the downflow condition adopted by Fryer and Potter
(22) by perfect mixing in the emulsion led to conversions which
were barely distinguishable from those given by the earlier mod-
el. (At the same time solution became much simpler.) Jaffres et
al (15) show that the two extreme cases of perfect mixing and
plug flow in the Orcutt models (23) lead to similar results. (In
their case, however, bubble properties were varied together with
kinetic constants in their optimization so it is harder to dis-
tinguish the influence of the mixing assumptions alone.) Elna-
shaie and Elshishini (12) further show that the effect of axial
dispersion is not only relatively slight in terms of overall con-
version, but that dense phase mixing also plays a relatively
minor role in determining selectivity for consecutive reactions
and multiplicity of steady states.

In almost all previous modeling work, one-dimensional flow
has been assumed in each phase, radial gradients being taken as
negligible. There is some experimental evidence (24) that sub-
stantial radial gradients may exist, however. Radial gradients
are especially important for fluid bed combustors with in-bed
feeding of fresh coal via a series of nozzles. In this case the
rapid devolatilization reactions will occur close to the distri-
buted feed points, and radial dispersion of volatiles away from
these points and oxygen towards them will be extremely important
if the volatiles are to burn out within the bed. Fan and Chang
(13) have considered this problem, coupling an assumption of per-
fect axial mixing with a diffusion-type mixing model in the ra-
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ASSUMPTION

Plug flow

Dispersed plug flow

Stagnant

Well-mixed tanks
in series

Tanks in series with
net outflow and
flow reversal

Perfect mixing

Downflow

Bubble-induced
turbulent fluctuations
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CHEMICAL REACTORS

EXAMPLES

Orcutt et al (23)
Partridge and Rowe (37)

May (45)

Kunii and Levenspiel (19)

Kato and Wen (46)

Peters et al (40)

Orcutt et al (23)
Avedesian and Davidson (49)

Fryer and Potter (21)

Bywater (47)

Figure 2.  Alternative schemes used in reactor models to represent axial dispersion

of gas in the dense or emulsion phase
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dial direction. Although the underlying assumptions of diffusion-
type models often seem inappropriate to axial mixing in fluidized
beds (25), there is some evidence (e.g. 26) that lateral mixing
can be described in this manner. Hence the paper of Fan and

Chang (13) may represent a useful approach to the description of
an important problem.

Interphase Gas Transfer. From the heavy reliance in this
symposium (see Table II) on the mass transfer equations proposed
by Davidson and Harrison (27) and by Kunii and Levenspiel (19),
one might reasonably conclude that these approaches have been sup-
ported by at least the majority of experimental evidence. Nothing
could be further from the truth.

The Davidson and Harrison approach concentrates solely on the
resistance at the bubble/cloud boundary (or bubble/dense phase
boundary for a < 1). The transfer coefficient, referred to bubble
surface area, is

k = 0.75 Umf+o.975[gi)2/c1b]lz 1

Alternatively, on a bubble volume basis, this becomes
LI 2 ) lﬂ

ko= 4.5 Umf/db + 5.85 [gD /db ] 2)
The first term in each case arises from bulk flow of gas into the
floor of an isolated bubble and out the roof, as required by the
hydrodynamic model of Davidson and Harrison (27). The weight of
experimental evidence, from studies of cloud size (28,29), from
chemical reaction studies (e.g. 30), and from interphase transfer
studies (e.g. 31,32), is that this term is better described by the
theory proposed by Murray (33). The latter leads to a reduction
in the first term by a factor of 3. Some enhancement of the bulk
flow component occurs for interacting bubbles (34,35), but this
enhancement for a freely bubbling bed is only of the order of 20-
30% (35), not the 300% that would be required for the bulk flow
term Equations (1) and (2) to be valid.

The second term in Equations (1) and (2) accounts for diffu-
sional transfer across the bubble boundary. (A factor € _/(l4+€ )
is sometimes (e.g. 49) included in the bracket of Eq. 2 6 accouiit
for the dense phase diffusional resistance.) There is some ques-
tion (30) of the extent to which there is interference between
the bulk flow and diffusion terms. Nevertheless, most experiment-
al evidence suggests that the two terms are additive and that the
diffusional term is described by the penetration theory. With
these changes, and including a small enhancement factor for bubble
interaction, Sit and Grace (35) have recommended the following
equations as being in best accord with existing experimental data:

1
- = 3 1
ko= Umf/3+ [ADemfub/ﬂdb] 3

In Chemical Reactors; Fogler, H.;
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' _ 3 - 3 3 ;5
or ko= 2Umf/db + 12 [Demfub/‘ndb ] (4)

Kunii and Levelspiel (19) again use Equation (2) to describe
bubble/cloud transfer. Based on the penetration theory, they
propose the following expression for cloud/emulsion transfer:

T 3%
kce = 6.78 [De fub/db ] (5)
Equation (5) considers gas diffusion to be the only mechanism of
transfer across the outer cloud boundary. In practice there are
at least three other important mechanisms not accounted for:
(a) The cloud boundary is a streamline for gas elements but not
for solid particles. Particles entering and leaving the cloud
boundary will carry adsorbed species with them. (b) There is
strong evidence of shedding of elements from the wakes. Photo-
graphs (28) indicate that these shed elements results in transfer
of cloud gas to the emulsion. (c) The concept of the cloud is
based on steady state analyses (27,33). While a mantel of gas
appears to remain associated with bubbles as they coalesce, these
"clouds", like the bubbles themselves, distort and undergo volume
changes during bubble interaction and coalescence (28,36). This
no doubt further enhances cloud/emulsion transfer.

For most practical conditions, a comparison of k,' and k é
from Equations (4) and (5) would suggest that the pr1nc1pa1 r&s
sistance to transfer resides at the outer cloud boundary. How-
ever, when (a), (b) and (c) are taken into account, this is no
longer the case. In fact, experimental evidence (e.g. 30,31,32)
indicates strongly that the principal resistance is at the bubble/
cloud interface. With this in mind, it is probably more sensible
to include the cloud with the dense phase (as in the Orcutt (23,
27) models) rather than with the bubbles (as in the Partridge and
Rowe (37) model) if a two-phase representation is to be adopted
(see Figure 1). 1If three-phase models are used, then Equations
(2) and (5) appear to be a poor basis for prediction. Fortunate-
ly the errors go in opposite directions, Equation (2) overpre-
dicting the bubble/cloud transfer coefficient, while Equation (5)
underestimates the cloud/emulsion transfer coefficient. This
probably accounts for the fact that the Kunii and Levenspiel model
(19) can give reasonable predictions in specific instancesfe.g.20) .

Flow Distribution between Phases. One of the principal
assumptions underlying many of the models of fluidized bed react-
ors is the '"two-phase theory of fluidization". This theory,
really no more than a postulate, holds that the flow beyond that
required for minimum fluidization passes through the bed as trans-
lating void units. Although not included in what the originators
of this postulate (38) appeared to have in mind, the two phase
theory is often held to imply, in addition, that the dense phase
voidage remains constant and equal to € _ for all U > U

Much has been written and said aboug the two phase %heory

In Chemical Reactors; Fogler, H.;
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(e.g. see 39). For our purposes here it suffices to note that
there is very little evidence indeed that the flow distribution
really follows the theory. 1In fact, the weight of evidence (see
39) suggests that the theory seriously overestimates the flow ac-
counted for by translation of bubbles, except in the limit as slug
flow conditions are approached. Yet, despite all this evidence,
the two phase theory continues as an underpinning for much of the
serious modeling work, as is again evident from Table II. There
are several probable reasons for the continuing popularity of the
two phase theory in the face of contradicting evidence:

(i) There is a lack of alternative approaches.

(ii) There is confusion between '"visible" and "invisible"
(i.e. bulk flow or "throughflow") terms. Toomey and Johnstone
(38) appeared to have in mind only the "visible" (i.e. flow due to
void unit translation) term. As noted above, the theory then
overestimates the bubble flow. However, if the bubble flow is
taken to include the invisible throughflow, the theory may do
better and may even underestimate the bubble flow. Many workers
fail to distinguish clearly whether they are talking of visible or
total bubble flow.

The paper by Peters et al (17) is welcome in that it attempts
a new approach to the two phase flow distribution problem. Fur-
ther details are given in another paper by the same authors (40).
However, the authors fail to distinguish clearly between ''visible"
and invisible flow components in the bubble and cloud phases. At
this time their approach must be regarded as a purely empirical
method which appears to give a reasonable match with selected ex-
perimental data.

Bubble Size. A number of empirical and semi-empirical ap-
proaches are available for predicting mean bubble size as a func-
tion of height and other conditions in gas fluidized beds. Judg-
ing from Tabe II, the approach followed by Mori and Wen (41) ap-
pears to have become the favored method of predicting d, . This
equation is semi-empirical; predictions are bounded between an
initial size produced at a distributor and a maximum size achiev-
ed only under slug flow conditions. Another recent mechanisti-
cally based equation due to Darton et al (42) is also receiving
considerable attention, but has not been tested by any of the au-
thors in this symposium. Both approaches seem to represent marked
improvements over previous equations of a solely empirical nature
in the literature. A method is still required for predicting
bubble sizes in beds containing tubes as in the Type B combustor
considered by Fan and Chang (13).

Five of the papers survé?gﬁ in Tabe II treat the bubble size
as if it were independent of height. In two cases (14, 17) d, is
allowed to vary with height. While the latter assumption is cer-
tainly more realistic, assumption of a constant bubble size is de-
fensible on the grounds of simplicity and limited sensitivity rel-
ative to some of the other assumptions discussed in this paper.

Heat Balance. For many years it has been customary to treat
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fluid bed reactors as isothermal and to ignore energy balances in
the modeling process. Recent emphasis on coal combustion and
other gas-solid reactions with high heats of reaction has led to
the inclusion of heat balances with more and morxe models. Heat
balances are ignored in only three of the eight papers surveyed
in Table II confirming this trend.

Steady versus Unsteady State Models. Until very recently,
fluidized bed reactor models have dealt almost exclusively with
steady state conditions. Steady state models are unsuitable for
control purposes, for load following in fluid bed combustors, and
for start-up and shutdown purposes. It is a welcome sign that
two of the papers in this symposium (13,15) derive models which
are potentially suitable for these purposes.

Type of Reaction and Application. An increased emphasis on
gas-solid reactions has been evident for about a decade. Three
of the papers in this symposium treat gas-solid reactions, two
(13,18) dealing with coal combustion and the other (1l) with cat-
alyst regeneration. Of the four papers which consider solid-cat-
alysed gas-phase reactions, one (15) deals with a specific appli-
cation (production of maleic anhydride), and one (12) treats an
unspecified consecutive reaction of the type A > B - C; the other
two (14,16) are concerned with unspecified first order irreversi-
ble reactions. The final paper (17) considers a relatively re-
cent application, fluidized bed aerosol filtration. Principles
of fluid bed reactor modeling are directly applicable to such a
case: Aerosol particles disappear by adsorption on the collector
(fluidized) particles much as a gaseous component disappears by
reaction in the case of a solid-catalysed reaction.

Experimental Data. While the emphasis in this session was
on reactor modeling, models can only ultimately prove successful
if they are compared to experimental data. This point may seem
obvious, but it is worth making since modeling efforts too often
seem to be intellectual exercises rather than efforts to represent
reality. While there is a need to verify some of the models pre-
sented at this symposium, it is gratifying that three of the pa-
pers (11,15,17) have already been exposed to the test of experi-
mental data.

Other Model Features

Some of the principal features common to the different models
are discussed above. In this section some further features of re-
actor models are considered briefly with reference to individual
papers in this symposium.

Only the paper by de Lasa et al (11) explicitly treats the
entry or grid region as a non-bubbling region. This region is
modeled in terms of discrete gas jets, an idea originated by Be-
hie and Kehoe (43), but contested actively by Rowe et al (44).
indicated in the papers by Jaffres et al (15) and Rehmat et al
(18), the grid region is clearly a zone e of effective gas—solid
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contacting, but considerable work is required to achieve an un-
derstanding of the hydrodynamics and gas exchange processes
therein.

None of the papers in this session explicitly considers the
freeboard region although both de Lasa et al (11) and Jaffres et
al (15) refer to previous work which has shown that the freeboard
can play an important role in determining the overall reactor per-
formance. None of the papers treatsdirectly flow regimes other
than the bubbling regime, although Rehmat et al (18) mention the
turbulent flow regime (together with rapid interphase exchange in
the grid region) as justification for using a model which treats
the gas as a single phase in plug flow. As already suggested in
Table I, efforts to model turbulent and fast fluidized beds are
likely to be important features of the 1980's.

In modeling gas-solid reactions in fluid beds, provision
must be made for dealing with particle size distributions and with
solids mixing. Solids mixing is usually adequately described in
terms of perfect mixing. To account for size distribution ef-
fects, population balances are generally required. These must
take into account the size distribution of the feed, elutriation
and losses of fines, attrition (if appreciable), and any changes
in particle size due to chemical reaction. The paper by Rehmat
et al (18) illustrates how these factors can be taken into ac-
count. Overall solid reaction rates must be determined by sum-
ming over all particle sizes, and conversion must be related to
gas conversion via the stoichiometry of the reactions.

Concluding Remarks

It is clear that there are many unresolved questions in the
field of fluidized bed reactor modeling. Only the bubble and
slug flow regimes have received significant attention. While end
effects (grid zone and freeboard region effects) are beginning to
be treated, almost no efforts have been made to model high veloc-
ity fluidized beds operating in the turbulent and fast fluidiza-
tion regimes. These regimes are of great importance industrially
and for future applications. Even in the bubble flow regime,
where there is a wealth of hydrodynamic and other data, some of
the key aspects of behavior remain poorly understood.

It is clear from previous work and from the papers in this
symposium that models are much more sensitive to assumptions in
some areas than in others. For very slow reactions, rates become
controlled by chemical kinetics and insensitive to whatever hydro-
dynamic assumptions are adopted (14,48). For intermediate reac-
tions, interphase transfer generally becomes the key factor con-
trolling the reactor performance, with the distribution of gas
between phases also playing a significant role. As outlined
above, advances have been made in understanding both areas, but
models have generally been slow to adopt changes in the basic
assumptions used in early bubble models. For fast reactions, the
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extent of axial mixing of gas in the dense or emulsion phase and
the fraction of solids assigned to the dilute phase also become
important. However, axial gas mixing is less important in gener-
al than might be indicated by the degree of attention devoted to
this feature. On the other hand, radial mixing has received too
little attention.

The papers presented in this symposium point to a number of
advances that will be important in the 1980's. These include:
(a) fundamentally new types of models using the power of modern
computers to solve comprehensive governing equations (9);

(b) continuing strong attention on gas-solid reactions as well as
gas-phase solid-catalysed reactions; (c) unsteady state models
suitable for control purposes (13,15); (d) attention to rate-
limiting steps and to sensitivity analyses; (e) inclusion of grid
and freeboard effects; (f) inclusion of energy balances; and

(g) study of radial gradients and radial dispersion (13). Multi-
phase reactor models have chiefly been useful in the past as an
educational tool in aiding understanding of fluid bed processes
and, to a limited extent, for simulation of existing reactors and
chemical processes. If these models are to become useful also for
design, scale-up and control of new equipment and processes, ad-
vances in all of these areas may be very helpful.

Legend of Symbols

D molecular diffusivity
db bubble diameter
ab mean bubble diameter

g acceleration of gravity

kbc bubble/cloud mass transfer coefficient based on bubble
surface area

kb bubble/cloud mass transfer coefficient based on bubble

volume

kcé cloud/emulsion mass transfer coefficient based on bubble
volume

Nu Nusselt number

Sh Sherwood number

U superficial gas velocity

Umf superficial gas velocity at minimum fluidization

uy bubble rise velocity

Gb bubble rise velocity corresponding to ab

o ratio of bubble velocity to remote interstitial velocity,=
UpCt/ Vg

emf bed void fraction at minimum fluidization
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An Initial Value Approach to the Counter-Current
Backmixing Model of the Fluid Bed

V. K. JAYARAMAN, B. D. KULKARNI, and L. K. DORAISWAMY
National Chemical Laboratory, Poona 411 008 India

The counter-current backmixing model of Fryer and
Potter has been modified by assuming mixed flow

in the emulsion phase. The terminal conversions
obtained with the present model are compared with
those of the original model and found to agree well
except at very low values of bubble diameter. The
assumption of complete mixing in the emulsion phase
converts the original two-point boundary value
problem into a simpler initial value problem, there-
by considerably reducing the mathematical complexity.

The intensive gas mixing that occurs in a fluid bed due to
the presence of bubbles and the associated circulatory movement
of solids has been recognized for quite some time (1, 2). The
rising bubbles carry wakes of solids along with them and release
them subsequently on bursting at the surface (3, 4, 5). The
released solids then move downwards for reasons of continuity
and a simple circulatory pattern of movement of solids is set
up. The studies on particle movement in deep fluidized beds (6)
have indicated that solids move upwards in the center region of
the bed and downwards at the periphery. The intensity of
circulation of solids increases with increase in the fluidizing
gas velocity, and at a critical velocity Uc the velocity of
down flowing solids exceeds the interstitiai gas velocity, so
that the interstitial gas is carried downwards as described by
(7-10). A simple mechanism for gas mixing therefore seemed
possible and several models - the so-called counter-current
backmixing models that take into account this flow reversal -
have been proposed (8, 11, 12).

It should, however, be noted that the solids movement
pattern as mentioned above has been observed in beds with
sufficiently large values of length to diameter ratio (Lf/dt>>l)'
Industrial fluid beds normally operate with L_./d_ values less
than or close to unity and the solids flow pattern could be
entirely different. More recent experimental studies such as

0097-6156/81/0168-0019$05.00/0
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those of Okhi and Shirai (13) in shallow beds indicate a
different flow pattern. Their experimental measurements have
confirmed the fact that solids move downward in the central
region of the bed. Earlier, Whitehead et al (14) had also made
measurements of solids movement and demonstrated in some cases a
strong down flow of solids in a small area at the center of the
bed. Such solids circulatory pattern has also been reported by
Werther (15) and Schmalfeld (16). Nguyen and Potter (9, 10)
experimenting with a 30 cm diameter column have also observed
that gas mixing is at its maximum in the center. Bubbles move
in the area between the center and the wall, forcing the solids
and the backmixed gas to move downwards in the central and near-
to—wall region. The more recent experiments of Nguyen et al (17)
in a large scale fluidized bed confirm this fact; however at very
high velocities the stream becomes more unstable and flow is
difficult to define.

It is clear from the foregoing discussion that a consider-
able extent of gas backmixing results due to the presence of
bubble tracks and the associated solids movement. Besides this,
the industrial units are normally operated with baffles and
internals to remove the heat of reaction. The hinderances from
these would lead to further enhancement of gas mixing in the
emulsion phase. The common assumption of plug flow in the
emulsion phase therefore seems incompatible with the situation
prevailing in industrial reactors, and in the present work the
original Fryer-Potter model (12) has been modified to take this
reality into account. This has the additional advantage of
conver ting the boundary value nature of the Fryer-Potter
representation into an initial value problem, thus considerably
simplifying the mathematical treatment.

Theoretical Development

Let us consider a simple reaction A—R and make the
following assumptions: the bubbles are uniform in size and free
of particles. The emulsion phase voidage is constant, with the
voidage of the bubbling bed equal to that at incipient
fluidization. The voidage in the cloud is the same as in the
emulsion. Plug flow prevails in the bubble and cloud phases, with
the emulsion phase completely mixed. With these assumptions the
material balance equations may be written as follows:

dCb
-U — + K -C)=0 1
Gb dz €% Cc 7 %) ()
dCe
—_ - + -
—UGc dz + €bec (Cb Cc) eche (Ce Cc)
-kfwebcc =0 )
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L
£
Vg, (€ (1) -cC) +K_ €, f (c, -¢c,) dz
0
& (Q-€, (+£ ) L. C_ =0

The appropriate initial conditions can be written as
Cb(O) = CO

U-Ugp) Co + (Tge) Co(0) = Ug. Cc(o)

Equations 1-5 can be written in dimensionless forms as

dCl
- dT + Al (Cz—Cl)=0
dC2
- H + Az(Cl - C2) + A3(C3 - CZ) - A4C2

1
- (Cz(l) - C3) + ASf (C2 - C3) d1l - A6C3
0

where the constants A1 - A are defined as follows :

6
A ebec::Lf Gbech
= —_— A = ——
1 Uch 2 Uge
A € Kcels A o
= U = U
3 Ce 4 Ge
€ —€. (1+f
cheLf k (1 b(1 w))Lf
Ag = U By = U
Ge Ge

3)

4)
(5

(6)

@)

€))

9

The set of Equations 6-8 is accompanied by initial conditions

where
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-U U
- —Ge . B = —S¢ a2)

B
1 W-ug,) 2 (U—UGb)

The assumption of complete mixing in the emulsion phase
renders the concentration C_ constant in the bed, and Equations
6 and 7 can be rearranged a

2

+ +A +A_+ + +. -AAC =0 13)
D c1 (Al A, Ay A4) DC, Al(A3 A4) C - AjAC, (
where the operator D refers to d/dl. The solution to this

equation can be readily obtained as

)\ll kzl 14)
C. = R.e + Re + R
1 1 2 3
where \_. and \_ are the roots of Equation 13 with the constant
term (ACA_C.) re&oved, and R_ is the particular solution of

Equatior11 ?33g iven by

A
R = —3 ¢ (15)
3 A +A 3

3 4

Equation 14 can be substituted in Equation 6 to obtain

Xll )\21
C = Rd e + Ro e + R (16)
2 11 22 3
where the O.'s are defined as
x + A x t+ A
¢ = +—1 aad - 21 a7
1 A1 2 A1

It is interesting to note that Equations 14 and 16 require
a knowledge of C_ which can be obtained after some algebraic
manipulations by~ substituting these equations in 8 as

C = AAR + AAR (18)
3 781 792

where A7, A8 and A9 are constants defined as

A_A A

A7 = 1-A6-A5 + 5 3 - o +2
+

Agta, 34
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Ad
A bN
1
A = del + > 1 a-e)
8 1 )‘1
A Ad N
2 2 2
A = Ode + 2 aA-e7) 19
9 2 )‘2

Equations 14 and 16 along with 18 give the concentration
profiles in the bubble and cloud phases. The constants R, and
R, appearing in these equations can be evaluated subject to
i%itial conditions given by Equations 9 and 10 and can be written
in matrix form as

B B R 1
3 4 1 (19a)
B B R 1
5 6 2
where parameters B3—B6are defined as
AA_A A AA
Y i R
Ay + 4, A+ A,
B2A3A
B =B d + A 237 - B A
5 2 1 8 A + A 17
3 4
B A
B =Bd + A __2_:_3_;“‘1 - B A (20)
6 22 9 A + A 17
3 4
The gas concentration at the bed exit is given by
UGb UGb
cw = = oc ) +{ 1 - 5= |,

The concentration profiles in the bubbles, cloud and emulsion
phases are plotted in Figure 1 for a set of parameter values. For
the sake of comparison, the profiles for the same values of

parameters obtained using the Fryer-Potter model are shown in
Figure 2. Figures 3-6 show the influence of parameters such as
bubble diameter, U/Umf, Ho and rate constant on the extent of
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conversion. Again, for the sake of comparison, the results
obtained using the Fryer-Potter model are also presented.

It can be seen from these figures that the results obtained
using the two models are almost indistinguishable from each
other except at smaller values of d,. The smaller bubble
diameters are however unlikely in large industrial fluid beds,
and therefore for all practical purposes the predictions of the
two models are identical.

The large industrial fluid beds are normally operated with
U/U_,. exceeding 10, so that a large portion of the gas bypasses
the bed in the form of bubbles. Also the diameter of the
bubbles is fairly large, so that interphase mass transport is
small compared to the rate of reaction. Under these conditions
the extent of mixing in the emulsion phase is rather an unimport-
ant parameter as far as the prediction of conversion is concern-
ed. It would, however, have significant influence when non
first-order reactions are involved.

The formulation of the model as above has the advantage
that mathematically it picturizes the bed as an initial value
problem in contrast to the more complicated boundary value
representation of the Fryer-Potter model. The implications of
this reduced complexity become more evident (and considerably
more important) when the reactions involved are nonlinear.
While the initial value problem can be readily solved for such
a case, the boundary value presentation leads to severe
stability and convergence problems.

Conclusions

The behavioural features of the fluidized bed have been
modeled based on a modified representation of the Fryer-Potter
model. The restrictive assumption of plug flow of the emulsion
gas has been removed, and model equations developed based on
complete mixing of the emulsion gas. This simplification, in
addition to bringing the model closer to reality, has led to the
conversion of a boundary value problem (Fryer-Potter model) to
a simpler initial value problem. Except at very low bubble
diameters, the predictions of the two models (based on terminal
conversion) agree closely with each other. On the other hand,
agreement between the average concentration profiles in the bed
predicted by the two models is less satisfactory. While
therefore the modified model proposed in this work has the
advantage of simplicity and is perhaps closer to reality,
further experimental work on industrial size equipment is
necessary for a firmer opinion on the latter (nature of gas
flow in the emulsion phase).
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Legend of Symbols

A to A constants defined by Equation (9)

A% to Ag constants defined by Equation (19)

B/, B constants defined by Equation (12)

B; t02B6 parameters defined by Equation (20)

Cb’ Cc’ Ce concentration in the bubble, cloud-wake
and emulsion phase respectively

Cl’ C2, C3 dimensionless concentration in the bubble,
cloud and emulsion

c @), cqQ@ dimensionless bubble phase and cloud-wake

! 2 phase concentration at the bed exist

c) dimensionless gas concentration at the exit

db bubble diameter cm

dt diameter of the bed cm

f ratio of wake volume to bubble volume

il height of the bed at incipient fluidization

K.gc volumetric rate of gas exchange between
bubble and cloud-wake per unit bubble
volume s-!

ce volumetric rate of gas exchange between _
cloud-wake and emulsion per unit volume s

Lf height of bubbling bed cm

L dimensionless height above distributor

k first order reaction rate consi:ant, based on
unit volume of dense phase, s~

Rl’ R2 parameters defined by Equation (19a)

R3 parameter defined by Equation (15)

U superficial gas velocity cm s™

U critical velocity cm s™ -1

ucr superficial velocity in bubble phase cm s -1

yGh superficial velocity in cloud-wake phase cm s

Ugc superficial velocity in emulsion phase cm s~

z°¢ length parameter along the bed height

Greek Letters

d‘l’ d,z constants defined by Equation (17)

€ fraction of bed volume occupied by bubbles
xb ™ roots of Equation (13)

el 2 void fraction in bed at minimum fluidization
mf conditions
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Predictions of Fluidized Bed Operation Under
Two Limiting Conditions: Reaction Control and

Transport Control

H. S. FOGLER
Department of Chemical Engineering, The University of Michigan, Ann Arbor, MI 48109

L. F. BROWN
Department of Chemical Engineering, The University of Colorado, Boulder, CO 80309

Some aspects of fluidized-bed reactor performance
are examined using the Kunii-Levenspiel model of
fluidized-bed reactor behavior. An ammonia-oxi-
dation system is modeled, and the conversion pre-
dicted is shown to approximate that observed ex-
perimentally. The model is used to predict the
changes in conversion with parameter variation
under the limiting conditions of reaction control
and transport control, and the ammonia-oxidation
system is seen to be an example of reaction con-
trol. Finally, it is shown that significant dif-
ferences in the averaging techniques occur for
height to diameter ratios in the range of 2 to 20.

There has been increased interest in recent years in the
science and engineering of fluidized-bed reactors. Part of this
interest can be attributed to the projected extensive use of
fluidized-bed coal gasifiers, but the development of magnetically-
stabilized fluidized beds and centrifugal beds also has contrib-
uted significantly to rejuvenating fluidized-bed research and
modeling. Some of the many recent reviews and evaluations of
fluidized-bed modeling are those of Bukur (1974), Chavarie and
Grace (1975), Yates (1975), Van Swaaif (1978), Weimer (1978), and
Potter (1978). Of these, Yates gives an unusually good compari-
son of the theoretical similarities and differences among cur-
rently popular models, while Chavarie and Grace compare the pre-
dictions of various models with the experimentally-observed
internal behavior of a fluidized-bed reacting system. These
latter authors conclude that the Kunii-Levenspiel (K-L) model
gives the most realistic estimate of behavior within a fluidized
bed. Yates points out that thelcountercurrent-backmixing model
of Fryer and Potter, not considered by Chavarie and Grace, is
more rigorously founded than the K-L model. On the other hand,
Potter shows that when the average bubble size is smaller than
8-10 cm, there is little difference between the countercurrent-

0097-6156/81/0168-0031$06.00/0
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backmixing and the K-L models, both of which give good predic-
tions of fluidized-bed performance.

The K-L model, because of its greater simplicity, thus seems
to be the model of choice for systems with smaller bubbles. In
this paper we shall show how the K-L model can be used to predict
the experimental results obtained by Massimilla and Johnstone
(1961) on the catalytic oxidation of ammonia. It will be seen
that the performance of their system was largely controlled by
reaction limitations within the bed's phases. The effects of
various parameters on bed performance are examined for such a
reaction-limited system, and then the effects of these parameters
for a transport-limited system are also discussed. Finally, we
consider the effect of using average values of the bubble diam-
eter and transport coefficients on model predictions.

Applying the Kunii-Levenspiel Model

The Kunii-Levenspiel Model will be used in conjunction with
the correlations of Broadhurst and Becker (1975) and Mori and Wen
(1975) to analyze the ammonia oxidation of Massimilla and John-
stone (1961). The reaction

4NH3 + 702 - 4NO2
was carried out in an 11.4 cm diameter fluidized-bed reactor con-
taining 4kg of catalyst particles. The particles had a diameter,
dp, of 105 um, and a density, p,, of 2.06 g/cm3. The particle
sphericity, Y, was taken to be 0.6 as is typical of published
values (Kunii and Levenspiel, 1969).

A mixture of 90% oxygen and 10% ammonia was fed to the reac-
tor at a rate of 818 cm3/s, a temperature of 523 K, and a pressure
of 0.11 MPa (840 torr). The reaction is first order in ammonia.
The reaction is apparently zero order in oxygen owing to the
excess oxygen. Thus

+ 6H20

TTA T kcatCA &

From fixed-bed studies, k.,.=0.0858 cmsgas/[(cm3 catalyst) (s)].
The catalyst weight, W, and corresponding expanded bed
height, h, necessary to achieve a specified conversion, X, are

W= Ah(l—emf)(l—d)pp (2)
Yp 1
h = ——— tn(— 3
ke atkR 1-X

in which
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A is the cross-sectional area

KR is the overall dimensionless reaction rate constant

u, is the velocity of bubble rise, cm/s

€nf 1s the bed porosity at minimum fluidization condi-
tions

§ is the fraction of the column occupied by bubbles

Calculating the Fluidization Parameters. The porosity at
minimum fluidization is obtained from the Broadhurst and Becker
correlation (1975):

0.72 u2 0.029 E§.0.021

3 P
d
o nd, P

LI 0.586y 4)

resulting in epe=0.657. At first sight, this value appears
higher than void fractions of 0.35-0.45 normally encountered in
packed beds (Drew et al., 1950). The catalyst used by Massimilla
and Johnstone used an impregnated cracking catalyst, however, and
a value of epr of 0.657 is consistent with the numbers reported
for materials of this type by Leva (1959) and by Zenz and Othmer
(1960) .

The corresponding minimum fluidization velocity is

2 3 Re < 20
= (wqp) N Enf (Xunii and (5)
mf 150 p 1—emf Levenspiel, 1969)

which gives ups = 1.48 cm/s.
The entering volumetric flow rate of 818 cm /s corresponds
to a superficial velocity of 8.01 cm/s. Therefore

In order to calculate the expanded bed height, h, for the
given catalyst weight of 4 kg, one needs to calculate the frac-
tion of bed occupied by bubbles, §. From the K-L model

uo-umf
§ = ——————— (6)
uy, U (I4)

For 0.1 mm particles, Kunii and Levenspiel (1969) state that
a=0.4 is a reasonable estimate.

At this point, however, there is a difficulty. To calculate
the velocity of bubble rise, up, the bubble diameter at the

midpoint in the column, dy,, is required:
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U = Vo gty @

and

/2

1 .
U (0.71) (gdb) (ubr =rise velocity of a

single bubble)

In Mori and Wen's (1975) correlation, the bubble diameter is
a function of distance up the column, L:

d =d -

b b m—dbo)[exp(—0.3L/D)] (8)

b

Thus, in order to obtain the bubble diameter at L=h/2, the height
of the expanded bed, h, is needed. Equation (8) also contains a
maximum bubble diameter, dyp,

a = (0.652)[A(uo—umf)]°'4 (9)

. 2 . .
(A in cm”, u's in cm/s, and dyy in cm)
and a minimum diameter for a porous plate:

~ 2
dbo = (0.00376) (uo—umf) (10)

(u's in em/s, and dpo in cm)

Equations (6) and (2) are used to obtain h, and the bubble-rise
velocity up, appears in Eq. (6). Consequently, we see a predica-
ment has arisen, in that h is needed to calculate dy, which is
needed to calculate up, which in turn is needed to calculate h.

To overcome this difficulty, the sequence in Figure 1 is
normally adopted. The unexpanded bed height was 39 cm, so the
expanded bed height will probably be around 60 cm and the average
bubble size will first be calculated at L=h/2=30 cm. Using
Eqs. (9) and (10),

dbo = 0.16 cm

and

dbm = 8.79 cm

The bubble diameter at L=h/2 calculated from Eq. (8) is 4.87 cm.
Using this value, one can now calculate uy, S, and h using Egs.
(2), (6) and (7). These values are given in Table 1.
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Feed Rate,Conversion, Volumetric flow rate,
Particle diameter, Temperature and Pressure

Reaction Control & Transport Control

US<UO

Us> Yo

| Calculate umpg ondM

Set ug
Umf < Ug < ug

Calculate A, D

[Colculote dpmand dbol
| ™

¥
¥ v
Guess h Guess
Calculate dyat h/2 db
| | —

[Calculate Ky and Kee]

[Calculate 8, 7¢, and Ye|

[ Calculate ky, ke and k¢ |

Calculate Kgr
Calculate h

Calculate dp
at h/2

Calculate W

Figure 1.
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Table 1
Fluidized-Bed Characteristics of Ammonia Oxidation Reactor
u, = 8.01 cm/s dbo = 0.16 cm
€nf = 0.657 dbm =8.79 cm
we T 1.48 cm/s db = 4.87 cm
o = 0.4 u, = 55.6 cm/s
§ = 0.122 h = 63.2 cm

Since the estimated bed height of 60 cm is sufficiently close to
the calculated value of 63.2 cm, we can proceed in the calcula-
tions without making a new estimate of h. The only remaining
parameter needed to calculate the conversion is the overall
dimensionless reaction rate constant Kg.

Calculating The Reaction Parameters. The overall dimension-
less rate constant is expressed in terms of exchange coefficients
between the bubble, cloud, and emulsion, and in terms of the
volumes of catalyst per volume of bubble in the bubble, cloud,
and emulsion: '

1

=Y +
KRN Kear | N (11)

1
K'bc Yc + K
1 + cat
Ye ce

The exchange coefficients between the bubble and the cloud, Ky,
and the cloud and the emulsion, K., are respectively

2 )1/4
umf DAB g 12
K. = (4.5 i (5.85) 5 12)
b d
b
1/2
e D, ,_u
K = (6.78) mf—ABtl (13)
ce 3
db

Using these formulas, we obtain

Kpe !

K
ce

4.92 s~

1

3.00 s~
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The 0.618 cm?/s used for the value of Dpp, the molecular diffu-
sivity, in Eqs. (12) and (13) was calculated from the Fuller,
Schettler, and Gidding correlation (Reid et al., 1977). The
volumes of catalyst particles per volume of bubble in the bubble
phase, vy}, the cloud phase, Y., and the emulsion phase, y,, are
given by the equations

= 0.01 cm3 of catalyst in bubbles/cm3

b
of bubble (14)
(this is a typical value which is frequently
assumed)
3umf
Cnf
Yo = (l—emf) ” + o (15)
]
Ybr e s
i 1-§
¥ = (e )5 -1, (16)

Substituting the indicated values into the equations yields

Y, = 0.187 cm3 catalyst in clouds and wakes/
cm3 of bubble
and
Yo = 2.28 cm3 catalyst in emulsion/cm3 of bubble

When the values obtained from Eqs. (12) through (16) are
substituted into Eq. (11),

1
Kg = 0.01 + 55558 N 1
4.92 1
0.187 + —7 . 0.0858
7.28 ¥ 3.0
1
= 0.01 +
“ 0.0174 + 1 .
0.187 +

0.4386 + 0.0286

Solving this equation gives the numerical value of the dimension-
less reaction rate constant

KR = 2.25
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Equation (3) may be solved for the conversion, X:

k h
X=1- exp ﬂ a”n
b

Substituting the values we have determined into this equation
gives

X = 0.197

The 20% conversion calculated using the Kunii-Levenspiel model
compares quite well with the experimental value of 227 measured
by Massimilla and Johnstone.

Limiting Situations. As engineers, it is important to deduce
how a bed will operate if one were to change operating conditions
such as gas flow rate, catalyst particle size, etc. To give some
general guides as to how changes will affect bed behavior, we
shall consider the two limiting circumstances of reaction control
and transport control.

In the K-L model, reaction occurs within the bed's phases,
and material is continuously transferred between the phases. Two
limiting situations thus arise. In one, the interphase transport
is relatively fast and transport equilibrium is maintained, caus-
ing the system performance to be controlled by the rate of reac-
tion. In the other, the reaction rate is relatively fast and the
performance is controlled by interphase transport. It will be
shown that the ammonia oxidation example used above is essen-
tially a reaction-limited system.

The overall reaction rate in the bed is proportional to Kg,
so the reciprocal of Ky can be viewed as an overall resistance to
the reaction. The different terms and groups on the RHS of Eq.
(11) can be viewed as individual resistances which can be arranged
in series or parallel to give the overall resistance.

1

=1 _
R, ol W, T (18)
1 1 1
" feat 1 1
Ke 17T, K
Yc _— Kce
Ye
B 1
Ry =1 1 a9
R. T 1
b Rtbc + 1 + 1
ch Rre+the
in which:
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R, = ;L-= resistance to reaction in the bubble
rb Yb
kca:
Rtbc = resistance to transfer between bubble

c and cloud

resistance to reaction in cloud

resistance to reaction in the emulsion

"

cat

= resistance to transfer between cloud and
ce emulsion

The analog electrical resistance for the system is shown in
Figure 2 along with the corresponding resistances for this reac-
tion. As with its electrical analog, the reaction will pursue
the path of least resistance, which in this case is along the
right hand side branch of Figure 2. If the major resistance in
this side, the resistance to reaction in the emulsion, Rees could
be reduced, a greater conversion could be achieved for a speci-
fied catalyst weight. To reduce Ryo, one needs to look for ways
of increasing v,

3umf

(.71dbg) —(umf/emf)

Examination of equation (20) shows that decreasing the bubble
size, dy, and fraction, §, while decreasing the minimum fluidiza-
tion velocity would increase y_, and hence the conversion. The
minimum fluidization velocity could be decreased by decreasing
the particles size. We now will investigate how the various pa-

rameters will affect the conversion for different limiting situ-
ations.

The Slow Reaction. In addition to the obvious way of in-
creasing the temperature to increase the conversion, there are
other ways the conversion may be increased when the reaction is
slow. From equation (3) we know the conversion depends upon h,
Kears Up and Kp. We will first determine Kp under this situation
For a slow reaction, kg,¢ is small when compared to and K_,,
so that resistance to transport is essentially zero, i.e.

In Chemical Reactors; Fogler, H.;
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3R, = 0174
R,, #1003 |
R, = 439
R,=536%

3R, =029

e

$ Ry = 0174

R,,=100 $
:‘ R(rc + tce +re) =430

CHEMICAL REACTORS

Figure 2. Electrical analog of transport and reaction resistances in the Kunni-
Levenspiel model using the data of Massimillia and Johnstone (9)
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cat:0
Sbe
and
kcat
K——.,O
ce
then
K, =v, + L =y +v +vy (21)
R b 1 b c e
0+ ————
Y +"—]‘
R S
Ye

Using Eq. (16) to substitute for Yo We have

1-8
Kp = v, + (e o) o) (22)

neglecting Yy Wer.t. the second term gives
- 1-8,
KR = (l-emf) ( 3 ) (23)

Consequently we see that K; can be increased by decreasing §, the
volume fraction of bubbles. For the ammonia oxidation example,
this would give

KR x> 2.47

or about 117 higher than the value obtained by the more elaborate
calculations which included the transport, This would predict a
conversion of 21.4%, very close to the 19.7% given by the method
which includes the transport limitations. Thus the ammonia oxi-
dation system of Massimilla and Johnstone is essentially a reac-
tion-limited system.

The conversion and catalyst weight are related by

Au, p (1-e_.) (1-9)
_ _ PN e s 1
W= Ahpp(l-emf) 1-8) = Ky Ty (24)

Substituting for KR

Ww=—E2 on(— (25)
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Recalling
u_-u
f
§ = —0 m (6)
ub—umf(l+a)
In most all instances is significantly greater than umf(1+a) so

that Equation (6) is approximately

u -u

s = o _mf (26)
Yp
combining Eq. (24) and (25)
Ap_(u -u )
_ o m 1
W= ” Ty (27)
cat

Therefore one observes that to reduce the catalyst weight for a
specified conversion, u, and u should be as close as possible.
One can now ask what ways may the catalyst weight be reduced for
a specified conversion. The answer to this question is the same
as to the question, "How may one increase the conversion for a
fixed catalyst weight?"

For example, suppose you are operating at 5 times the mini-
mum fluidization velocity, u, = S5u

mf °
Case 1
Ap 4u
_ mfl 1
W o= k I T (28)
cat 1

What would be the effect of doubling the particle diameter on the
catalyst weight for the same throughput and conversion?

Case 2
p A(u_,-u__,))
W, = 202 miz ,, L (29)
cat2 2
Since the temperature k -k 9~ the throughput (u 17u 2),

and conversion (Xl—Xz) are tﬁe Samé %or Cases 1 and 2, the rag
of equation (28) and“(29) yield

Wy Y1 Ume2  OUne1 Ume2
W, = hu — (30)
1 mfl mfl

Recalling Eq. (5)
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2 3
(Wd )™ €
u =_____P______Il\_f_ (5)
mf 150u l—emf

and neglecting the dependence of ¢ on d_ we see that the only
parameters which vary between Casemf (d )pand Case 2 (d 2=2d 1)
are u . and W. P P P

u d |2 2d |2
;Efg - EEQ = E_Rl =4
mfl pl pl

and therefore

=

5u__.-4u
2 _ " mfl “wfl _ 0.25

Wy buper

Thus in the situation we have postulated, with a first-order re-
action and reaction limiting the bed behavior, doubling the parti-
cle size will reduce the catalyst by approximately 75% and still
maintain the same conversion.

The slow-reaction situation has been treated before (Grace,
1974), using a model of bed performance developed well before the
K-L model (Orcutt et al., 1962). This earlier work concluded that
when the reaction was very slow, the hydrodynamics and the way the
hydrodynamics were modeled were unimportant. The analysis given
above, using the more sophisticated K-L model, shows that the hy-
drodynamics can be very important indeed, even when the reaction
is slow. In the situation cited, a reduction of 75% in catalyst
requirement can be attained by expoitation of the bed hydrodynam-
ics.

The Rapid Reaction. To analyze this limiting situation we
shall assume the particles are sufficiently small so that the
effectiveness factor is essentially one and that the rate of
transfer from the bulk fluid to the individual catalyst particles
is rapid in comparison with the rate of transfer between the
fluidization phases. For the case of rapid reaction

k k
cat and _cat > 1

KbC Kce

Using these approximations in the equation for KR which is

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch003

44 CHEMICAL REACTORS

K, =v, + 1 (1)
R b
cat 1
+ 1
cb ‘Yc + X
cat +
K e
ce

one observes the first term to be neglected is

1 1 =0

kc:at: 1 (Large No.) + 1
K Y e
ce e

Then neglecting the reciprocal of Yo w.r.t. kcat/KR gives

K2y +—2— Ty + e (3D)
R b k b k
cat + L cat

Kbc Ye
There are two situations one can analyze here

%

* € Resistance to transport small
cat w.r.t. resistance to reaction in-
side the bubble

<<

Situation 1: Yp

>> :_b_c_ Resistance to transport large
cat w.r.t. resistance to reaction in-
side the bubble

Situation 2: Yb

Only situation 1 will be analyzed in the test and the analysis of
situation 2 is left as an exercise for the interested reader.
Assuming very few particles are present in the bubble phase

= Kbc
Kp 85— (32)
cat

The catalyst weight is given by combining Eqs. (2) and (32)

Aubop(l—é) (l-emf)p
Kpe

Neglecting § w.r.t. 1 in the numerator

)

2 on (g (33)
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Aup (1-e )
W= __u_b_L_if_. m(ﬁ (34)

kcathc

On observing the equation for K., Eq. (12) is the sum of two
terms A and B

u DABl/2g1/4
=4, B
Kbc 45—&b—+58 d5/4 (12)
b

"
>
+
o)

Kbc 0 0

One finds the problem can be further divided.

Case A: A0>>B0

Case B: B0>>Ao

Only Case A will be considered here and Case B again will be left
as an exercise for the interested reader.
For Case A

umf

Kbc = 4.53;- (35)
Then
Updy 1
W= ZTE;;; ppA(l-emf)ln(I:E) (36)

Recalling the equation for up, and neglecting other terms in the
equation w.r.t. the velocity of rise of a single bubble, i.e.,

3 vy
and
) 1/2, 1/2
Uy 0.71g db
0.71g1/24 3/2
We———P Ay (1-e ) tn()
4.5u pp mf 1-X
mf
d 3/2 L
W=4.9 — App(l—emf)kn(-]—_-_-i) 37
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The average bubble diameter is a function of the tower diam-
eter (thus A), height, u,, and uye. As a first approximation, we
assume the average bubble diameter is some fraction, (say 0.75)
of the maximum bubble diameter.

db = 0.75 dbm

Then, from Eq. (9),

4 = (0.75)(0.652)[ACu -u_)1°"" (38)
and
1.6 0.6
A (u -u )
= 9— o mf 1.
W= 1.69 s pp(l-emf)kn(l_x) (39)

We again consider the effect of doubling particle size while
keeping all other variables the same.

0.6
Wy  (ugpmUpe) T Ui
4 _ (40)
" w00 Yae
uol mfl o
Recalling
qu = uol = 5umfl
nf2 = 4Ung1
then
& [Sumf1-4umf1 0.6 Unfl (41)
R CLWHET Guper
or
Wy
== = 0.11 (42)
Wy

In this case we see that doubling the particle diameter de-
creases the catalyst weight by 89% while still maintaining the
same conversion. However, for a fast reaction, a significant
decrease in effectiveness factor could offset this advantage.

It may be noted that the situation considered here, in which
the bulk flow term >> diffusion term in Eq. (12), is a somewhat
restricted one. For Ay >> By in small-particle systems, the2
binary diffusion coefficient must be on the order of 0.0l cm‘/s or
less. Systems involving heavy hydrocarbons frequently have diffu-
sion coefficients this low, but systems with lighter components do
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not. Systems using larger particles also have A, >> B., but then
Re > 20, Eq. (5) cannot be used, and the example analysis given
above is not directly applicable. Thus the example is limited to
systems with small particles and low binary diffusion coefficients

Evaluation of the Average Transport Coefficient and Bubble
Size. A constant bubble size is used when evaluating the proper-
ties of the fluidized bed, and since bubbles in real beds vary in
size, it is important to ask what bubble size should be used.
Fryer and Potter (1972), using the model of Davidson and Harrison,
reported that a bubble size found at about 0.4h could be used as
the single bubble size in that model. Earlier in this paper, the
bubble size found at 0.5h was used arbitrarily in calculating the
conversion in an ammonia oxidation system using the K-L model.

The average bubble size d, in a bed can be found using

Eq. (8): b
h rh
I _ _ -0.3L/D
dp =dy o= (dy-d, ) J (1-e ydL / J dL (43)
o o
Integrating:
= _ -0.3h/D
(dy =4, )/ (dy -dp ) =1 - [1-e )/(0.3h/D)]
=1 - @a-ePyp (44)
R - _ -B/2
At midpoint, (d,D «dbo)/(dbm —dbo) = l-e , and therefore

~

- -8 -8/2
@y -d, )/ (d, -d ) = [1-(1-e7")/8]/A-e"""") (45)

A plot of the ratio of the mean bubble size to the bubble size
evaluated at the midpoint in the column is shown in Fig. 3 as a
function of h/D. The mean bubble size is at least 90% of the
bubble size evaluated at h/2 for almost all the height-to-diameter
ratios of practical interest.

Evaluation of the Transport Coefficient

We now wish to determine the difference between the average
exchange coefficient evaluated at the midpoint in the columns.
The dependence of the transport coefficient between the bubble
and the cloud on the bubble diameter,
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1155 16th St. N. W.

I“ﬂbﬁﬁggdqu@m'og :
ACS Symposium Series; Ameri hemic Socgwaﬁcmmgton, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch003

48 CHEMICAL REACTORS

1/4
= |4.50 _ + 5.85 2y 8] L (46)
Kpo = [4:5upe + 585 o= | 3
will be approximated as
A
Kb =1 47)
c

d.b

owing to the weak dependence of Ky, and dy in the second term in
Eq. (46). From the Mori and Wen correlation

-Bx
4 = Gy~ Gppmdpole (48)
where x = L/h. The local transport coefficient takes the form
A1 A2
K'b = = (49)
c

_Bx
d'bm_ (dbm_dbo)e 1-(1- dbo Bx

At the midpoint in the column, L = h/2, x = 1/2

. A, A,
= = (50)
“be 4o, - dbo B2
1-(1- d_)
bm d'bm

The average transport coefficient
1
T = J0 Kbcdx
Kbc 1
J dx

0

(51)

(52)

g
nll>

dbo -Bx

1—(1— e

S

Ebc = A,|1+ 1/81n [:“‘ [% - I]e—B_' (53)
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Taking the ration of Eq. (50) to Eq. (50) and letting r be the

ration of maximum to minimum bubble diameter, dbm .
r=—
dbo
& = 1+1/31n[r-(r-1)e'B] [1—(1—1/r)e'3/2] (54)
Se
as B > «
.Ifb___c_ = 1.0 (55)

Se

A plot of the ratio of the transport coefficients is shown in
Figure 4 as a function of B for various values of the parameter r.
For the ammonia oxication discussed earlier,

d
= D2 . 55 (56)
d
bo

r

For large values of r

el

€= 114+ 1/8 ln[r(l—e_B)] (1-e-8/2) (57)

> l

ol

c

and for larger values of B

UFI

e

One notes the greatest disparity between the two transport coef-
ficients for large ratios of the maximum to minimum bubble
diameter and for columns with h/D ratios in the range of 2 to 20
(.6<B<6).

The exchange coefficient between the cloud and the emulsion

1/2

=1+4+1/81nr (58)

>|

is
m
Kce 6.78 — 3

We have shown that one can make the approximation

U = Uy
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consequently
~ . 1/2
4 = 4y
then
4 1/2)1/2
b 1
fee " Ha| 73 L (9
b b
A
=3 (L
Kee = 71/ [d } (60)
db b

Since the 1/4 power is a relatively weak functional dependence, we
will consider the term

Ay
Ay = R (61)
to be a constant, in which case the averaging technique for
A
4
ce db
gives the same result as obtained for Kbc’ i.e.
Kce -B -B/2
—<£€ - |1+1/Bln[r-(xr-1)e "]| [1-(1-1/r)e " 7] (63)
Kce

for the ammonia oxidation, r = 55 and

_ (.3)(63.2) _
B = (11.4) = 1066
then
X
<€ -2
K
ce

The average transport coefficients, Kpc and Kge are twice
the coefficient used in the L-K model when evaluated at h/2. The
corresponding values of Ky and conversion are
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K
T

X

2.33

0.204

Owing to the fact that the ammonia oxidation is mostly reac-
tion limited, the correction factor for using the averaging tech-
nique is slight. However, in cases of rapid reaction, the two
techniques Ky, will give significantly different results.

Summary

In this paper we have shown that the Kunii-Levenspiel model
can be used to accurately predict the results of Massimilla and
Johnstone. In addition, we have used the K-L model to predict
the changes in conversion with parameter variation under the lim-
iting conditions of reaction control and transport control. Fi-
nally, we have shown that significant differences in the averag-
ing techniques occur for height to diameter ratios in the range
of 2 to 20.

A cross-sectional area of column, cm2
collection of terms in Eq. (12), cm/s

C concentration, gmoles/cm

d diameter, cm

D diameter of column or bed, cm
molecular diffusivity, cm‘/s

g gravitational constant, cm/s

h height of expanded bed, cm

k reaction rate constant, s

K overall dimensionless reaction rate cogitant
exchange coefficient between phases, s

L distance up the bed from gistributor plate, cm

r reaction rate, gmoles/(cm™) (s)

Re Reynolds number, dimensionless

u axial velocity, cm/s
superficial axial velocity, cm/s

W mass of catalyst, g

X dimensionless distance from distributor plate, L/h

X fractional conversion, dimensionless

Greek

o volume of wake per volume of bubble, dimensionless

B dimensionless collection of terms in Eq. (44), 0.3h/D

Y volume of catalyst in a particular phase per volume of
bubble, dimensionless

8 fraction of total bed in bubble phase (not including wakes),
dimensionless

€ void fraction of bed, dimensionless
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group of terms, g(p, - Pg)s g/(cmz) (s2)
viscosity of §as, poise

density, g/cm

sphericity of particle, dimensionless

Subscripts

0o o oo o >
R o8 0 g

of substance A

of substance A through substance B

of bubbles or of bubble phase

between bubble phase and cloud phase
of bubbles at the maximum point

of bubbles at the distributor plate

of a bubble in isolation from other bubbles
of the cloud phase

of the catalyst

between cloud phase and emulsion phase
of emulsion phase

of gas

at minimum fluidization conditions

at distributor plate

of solid particle

referring to reaction rate

referring to slugging conditions

Superscripts

~

evaluated at midpoint in column
average value
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Simulation of a Fluidized Bed Reactor for the
Production of Maleic Anhydride

J. L. JAFFRES, W. AN PATTERSON, C. CHAVARIE, and C. LAGUERIE!
Ecole Polytechnique, Montréal, Canada

The simulation of a fluidized bed preheater-fluidi-
zed bed reactor system for the catalytic oxidation
of benzene to maleic anhydride was attempted. The
experimental apparatus and results of Kizer et al
(7) together with the kinetics proposed by Quach et
al (8) formed the basis for the simulation. It was
determined that the rate constants and activation
energies would not successfully describe the expe-
rimental results, and these parameters were estimated
using a portion of the results. The rate constants
and activation energies found in. this manner were
close to those reported by other workers for similar
catalysts. The simulation using these estimated
parameters gave reasonable agreement with the com-
plete experimental results for conversion and selec-
tivity as functions of temperature, air flow rate
and bed height, except for selectivity versus bed
height. An unsteady-state simulation agreed quali-
tatively with the limited data available.

The production of maleic anhydride by the catalytic oxidation
of benzene is an established industrial process. While C, hydro-
carbons are often suggested as a feedstock, it has been pointed
out recently by De Maio (1) that they are an alternative but not
necessarily a substitute.” The benzene oxidation is done commer-
cially in fixed bed reactors and, because of its exothermicity, is
difficult to control in any optimal sense. The process is thus a
natural candidate for a fluidized-bed reactor. The reaction has
been studied in both fixed bed (2, 3) and fluidized bed (4-7)
reactors. These studies, with the exception of that of Kizer et
al (7) do not give sufficient information for simulation purposes.
The availability of the reaction data of Kizer et al and the kine-
tic studies of Quach et al (§) using a similar catalyst suggested

the possibility of simulating the process.
! Institut du génie chimique, Toulouse, France

0097-6156/81/0168-0055%$05.00/0
© 1981 American Chemical Society
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Reaction Kinetics

The key to good reactor simulation is undoubtedly a knowled-
ge of the reaction kinetics. The kinetics of the catalytic oxi-
dation of benzene to maleic anhydride has been studied for diffe-
rent catalysts and conditions by many workers (8-13) however
only Quach et al (8) examined a catalyst, FX203, of a type simi-
liar to that employed by Kizer et al (FB203-S). Both catalysts
are fabricated by Halcon Catalyst Industries, but are of different
formulation.

Quach et al studied the catalyst (in the form of 0.4 cm gra-
nules) in a Carberry-type reactor. Reaction conditions were: a
temperature range of 280°C to 430°C and a benzene to air feed
ratio variation of 0.45 to 8.23 mol percent. Their results dic-
tated a two-step oxidation of the form:

Cglg + 40, > C,H,0, + CO + CO, + 2H,0 1)
C4H203 + 202 + 2CO0 + ZCO2 + HZO

Both reactions are exothermic and essentially irreversible. The
maleic anhydride formation occurs only at the catalyst surface
while its degradation takes place in the gas phase (8). It is
therefore expected that the selectivity and the conversion will be
equally important in the operation of fluidized bed reactor.
Quach et al found that the benzene conversion rate was best des-
cribed by the Langmuir-Hinshelwood relation:

K kOpo01/2 kg = 5.01 exp (-24600/RT)
r, = _ (3)
B 1/2 + e Pk, = 3490 exp (-64300/RT)
B
where: r, = reaction rate in gmol - g—l .nt

The form of equation (3) indicates that oxygen dissociation occurs
before its adsorptlonbon the catalyst. When the reaction has a

large excess of air enzene ~ 1 mol 7) equation (3) can be re-
written as:

kop
- BB _

B kp. KB P 4

B*B
1+ 4 ———

Kk p 1/2
00

and first order kinetic behaviour will be observed.

The gas phase degradation of the maleic anhydride is descri-
bed by:
1/2

ry = kypy 3 ky = 90000 exp (-33400/RT) (5)

where ry = reaction rate in gmol - w3 . n7t
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Pilot Reactor

The reactor used by Kizer and simulated in this work is il-
lustrated in Figure 1. It consists of a fluidized bed preheater
section feeding directly the fluidized bed reactor section. Each
section was a 0.4 m high cylinder of 0.184 m diameter. The pre-
heater contained sand and was heated by an external electrical
element. The FB203S catalyst is a powder of 0.173 mm diameter
particles (weight average) and has a minimum fluidization veloci-
ty, Upg, of 0.021 m - s~1 at normal temperature and pressure.

The reactor was cooled by ambient air blown through a jacket.

The reactor distributor was made from a 50 mm thick fixed bed of
5 mm diameter pebbles supported on a perforated plate with the
benzene introduced at its centre. Nickel particles (0.53 mm
diameter) to a depth of 25 mm on top of a second perforated plate
formed a second fixed bed and completed the distributor. The
reactor was completely insulated with glass wool.

Experimental Results

The effects of the reaction temperature, T, the air flow rate
Fy (reported at 20°C and 1 atm), the depth of the catalyst bed,
Hpf, and the molar concentration of benzene, ¢, on the conversion,
selectivity and production were reported by Kizer et al (14). The
experiments were performed according to a factorial plan of 24 ex-
periments within the following limits:

430°C < T € 490°C
4<Fy<8md - hl

3¢ Hmf £ 7 cm

0.5 € ¢ € 1.5 mol percent,

Cellg

air
The results for conversion, selectivity and production were ex-
pressed as:

Y = 74.79 + 0.29(T - 460) - 10.52(c - 1) - 3.91(F, - 6) +

3.83(Hys - 5) (6)
Y = 51.34 = 0.22(T - 460) - 3.48(F, - 6) - 3.76 (H ¢ - 5) ¢))
¥,= 38.11- 6.40(c - 1) (8)

Reactor Model

The fluidized bed characteristics of high solids heat capaci-
ty, large interfacial heat transfer area, and good solids mixing
allow the assumptions of thermal equilibrium between the solids
and the gas, uniform bed temperature and negligible heat capaci-
tance of the gas. An additional assumption required to use equa-
tion (9) is that the reactions do not change the gas volume.

The reactor and preheater each divide naturally into three
types of thermal zone. These are:

In Chemical Reactors; Fogler, H.;
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Figure 1. Experimental apparatus: preheater-reactor system
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1) the fluidized beds of sand (preheater) or catalyst (reactor),
2) the fixed distributor beds and
3) the separation space above the fluidized beds.

Some of these zones have been divided into isothermal regionms.
This is shown in Figure 2 which shows that the preheater consists
simply of the above three zones whereas the reactor distributor
and separation space have been represented by three and five
regions respectively. The reactor was cooled by forced air from
a fan controlled in an on-off manner. Heat transfer to the cool-
ing air was modelled as either forced or natural convection de-
pending on whether the fan was on or off.

The reactor was simulated for both steady and transient be-
haviour. The steady-state model is straightforward and will not
be discussed in detail. The unsteady-steady state simulation took
advantage of the fact that the rate of reaction is much faster
than the thermal response rate. The concentration transient res-
ponse can thus be modelled as pseudo-steady state in the actual
fluidized bed; this pseudo-steady state then follows the slowly
changing temperature profile. A mass balance on the species, j,
for each region (see Figure 2) is written as:

dc

i _ - _
_(at ) Vg = 0 i Ve vij rij + Fci,in Fci 9)

where: 1 refers to the reacting species
j refers to the product species.

Reaction Considerations

The reaction kinetics suggest the separation of the reactor
into the fluidized-bed and separation space zones. The conver-
sion of benzene to maleic anhydride and the degradation of the
maleic anhydride both occur within the fluidized bed. Only the
degradation reaction takes place in the space above the bed which
has been divided into five regions, each of which is treated as a
perfectly mixed, homogeneous gas-phase reactor.

It has been shown by Chavarie and Grace (15) that the decom-
position of ozone in a fluidized-bed is best described by Kunii
and Levenspiel's model (16) but that the Orcutt and Davidson mo-
dels (17) gave the next best approximation for the overall beha-
viour and are easier to use and were chosen for the simulation.
They suppose a uniform bubble size distribution with mass transfer
accomplished by percolation and diffusion. The difference between
the two models is the presumption of the type of gas flow in the
emulsion phase: piston flow, PF, for one model and a perfectly
mixed, PM, emulsion phase for the other model. The two models
give the following expressions at the surface of the fluidized bed
for first-order reaction mechanism:
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Figure 2.  Physical model of the preheater—reactor system. Isothermal regions are
indicated as: a, fixed beds; b, fluidized beds, c, gaseous regions.
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M Y =1 —[Be'x + _(1_:__§_§__X_)i_§ (10)
1+ K' - Be
m H
PF: ch= 1 - Y= (mze-mlﬂ(l - _ligﬂf) - mle_mZH(l - E%;EEgJ
(11)
where my and m, are the roots of:
(1 -8) m?42 - (X +K') mH + XK' = 0 (12)

Kinetics other than first-order require the numerical integration
of the differential mass balances and the conversions cannot be
expressed in simple equations.

The fluidized bed reactor model requires a description of the
bubble diameter, Dy. The relationship of Mori and Wen (18) was
chosen using the Dy, of a porous plate distributer:

D - D

SB—b = exp () (13)
bm bo R

Equation (13) was checked using the expression of Yacono (19)

which was obtained from a distributor configuration similar to
that employed by Kizer. Values from the two relationships

were compared at bed mid-height, H/2, for typical reaction condi-
tions and differed by 37%.

-0.34

Reactor Simulation: Thermal Aspects

The energy balances on the different zones and regions of the
preheater-reactor system yield the following types of terms:
I. heat introduced by convection from the zone (o - 1) to the zone
o, AQ_;
c N .
8. = FoPy [EHiacm] " Fla-1)P(o-1) [EHi(a-l)ci(a-l)]
II. heat lost to the surroundings, AQQ;
III. heat introduced by the chemical reactions of species i pro-
ducing j, AQ_;
R
A =
QR E vijrijAHiij

IV. accumulation;
9Q _ 9
st = ac| MsCs t VR § 6Ty

which comprise the thermal balance:
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- g% = AQc + AQZ + AQR (14)
The simplifying assumption that the properties of the reaction
mixture are those of air is justified by the maximum benzene con-
centration of 1.5 mol percent. It has also been assumed that the
gas volume is unchanged by the reactions. Heat transfer to the
walls from the distributer was evaluated by Froment's expression
for fixed beds (20):

hDR D G 0.9

while that of Wen and Leva was used for the fluidized bed(21):

D c u1o.4 b o U‘|0.76 5 104 [ ,770-2p 10-36
2 = 0.16 |[££ p_f U n (16)
£ % | Mg | PeCe &b, 2

The relationship of Pohlhausen was used for the heat transfer in
the separation space (22):
1
RePrDR 2.6

Nu=—=—1n| 1 - (17)
4HS Pr0'16 [ PrD 10.5

The relationship of Mac Adams was used to estimate the heat trans-
fer due to natural convection(23):

AT]0.25
h=1.42|—= (18)
&

Activating the cooling blower causes air to enter the jacket
tangentially to the wall of the reactor and is assumed to follow
a helical path to the exit. The heat transfer coefficient was
calculated from Perry (24):

D,
h = hav[l+ 3.5 Dﬂ] (19)
m

The thermal simulation was verified by choosing a benzene concen-
tration of zero (no reaction) and natural convection cooling only.
An ambient temperature of 20°C was assumed and, to minimise calcu-
lation time, the accumulation terms in the separation regions were
neglected. For a 1.2 kW power input, the model predicted a
steady-state catalyst temperature of 473°C which was reached about
seven hours after heating was begun. A temperature loss of 420C
between the pebble benzene mixer and the catalyst was predicted
while the difference between the catalyst and the fluidized bed
preheater was 57°C. This loss was attributed to the increased
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heat transfer through the flanges used to attach the preheater

to the reactor. The simulation results agreed to within 10%

with the observed behaviour of the apparatus and are presented in
Figure 3.

Reactor Simulation: Steady State

The results of the thermal simulation were sufficiently en-
couraging for us to proceed to the reactor simulation for a number
of steady-state operating conditions, but neglecting the maleic
anhydride degradation in the fluidized bed. Both the simplified
kinetic expression (equation (4)) and the more exact equation (3)
were used and the results are shown in Table I as Case 1 and
Case 2 respectively.

TABLE I
PREDICTED CONVERSIONS: ORCUTT-DAVIDSON PM MODEL
-x Conversion Case 1 Case 2
T X Be given by X' ¥ X' v
(°c) Kizer's model c c
430 2.10 | 0.113 667 0.364 | 27%Z|0.327 | 25%
460 1.91 | 0.138 767 0.432 | 30%|0.398 | 297
490 1.73 | 0.165 837 0.506 | 33% | 0.475| 327
Operating conditions: c¢= 1%, Hmf =5 cm, Fa =6 m3h—1,
Dbo = 0.9 cm

It is obvious that the simulation predicts conversions for
below those obtained by Kizer and this cannot be due solely to
the neglect of the maleic anhydride degradation. There may be
several possible causes for the low predicted values: the Orcutt-
Davidson PM model may not be sufficiently accurate or the bubble
size estimate may be incorrect. Alternatively, neither equation
(3) nor (4) correctly describe the reactor kinetics. The number
of possibilities may be reduced by considering Figure 4 which
plots conversion versus the non-dimensional reaction rate cons-
tant, K', with Be™ as a parameter. Two possible zones of opera-
tion are shown in the figure, zones A and B. Zone A is bounded
by the Orcutt-Davidson PF model and the values of Be~X from Table
1 together with Quach's kinetics allowing for a 107 error in the
kinetic parameters. Zone B is delineated by the PF model, the
maximum value of Be™X from Table 1 and the values of conversion
obtained by Kizer. Evidently an increase in K' is required to
allow the two regions to overlap and furthermore, for the range of
Be X reported in Table 1, both kinetics and bed hydrodynamics
(bubble diameter) play a significant role in determining reactor
conversion.

It was at this point that the simulation, per se, was
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Figure 3. Thermal unsteady response of the apparatus during reactor start-up:
1, sand in preheater; 2, pebble distributer; 3, catalyst
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Figure 4. Conversion vs. nondimensional reaction rate constant, K’. The two

limiting cases of one phase (Orcutt-Davidson) PM and PF models are the solid

lines. Zone A is the limit of operation allowing for a 10% error in the kinetic
parameters of Quach et al. Zone B is the experimental limit of operation.
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abandoned. The previously cited results of other workers gave
evidence that the form of the kinetic expression of Quach et al
was probably adequate to simulate Kizer's reactor. Thus, we
undertook to force the conversions obtained from the "simulation"
to coincide with those obtained experimentally by Kizer for a num
ber of operating conditions. The Marquardt (25) algorithm was
chosen for this non-linear least-squares minimization problem in
which the rate constants, activation energies and initial bubble
diameter were the variables manipulated to obtain the minimal
deviations for three combinations of reactor regime and kinetic
expressions (cases A, B and C) as shown in Table II. It is seen
that, for a given set of kinetic parameters the value of Dy, 1is
almost independent of the gas flow rate and the assumption of
first-order kinetics (equation (4)) gives a conversion that is in-
dependent of the benzene concentration in the feed. This latter
feature significantly reduced the computation time and was retain-
ed for the selectivity and transient behaviour calculations. This
was justified by the agreement of the conversions over the range
of operating conditions.

The simulation could now be advanced to include the maleic
anhydride degradation. This gas phase reaction takes place only
in the bubble phase, the interstitial gas and the separation spa-
ce. The interstitial gas and the bubbles account for about 157 of
the total free volume of the reactor and therefore cannot be ne-
glected. Moreover the degradation kinetics depend on a fractional
power of the maleic anhydride concentration (equation (5)) ; hence
the fluidized bed cannot be integrated analytically to yield a
simple relationship. However, it has been shown by Grace (26)
that for a fast reaction the major part of conversion occurs in
the first few millimeters close to the distributer. The maleic
anhydride concentration in the bed is thus very nearly constant
and can be estimated from the conversion since the degradation
reaction is relatively slow. This permits the fluidized bed to
be modelled as a bipartite reactor as shown in Figure 5, and
avoids the computer-time consuming subdivision of the bed into
regions.

Despite this simplistic treatment the simulation has become
quite complex and yielded selectivity and production values that
differed significantly from those obtained by Kizer. Again, it
was apparent that the kinetic parameters for equation (5) needed
adjustment to reconcile the differences. This was done by a
simple trial and error method.

Discussion and Conclusions: Kinetics

It was possible to determine a set of kinetic relations
which gave the best possible simulation of the reported results.
These relations are:
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Figure 5. Model of the fluidized bed. Benzene flow is shown by the heavy solid
line and maleic anhydride is represented by the heavy dashed line.

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch004

68 CHEMICAL REACTORS

kBkOPBP01/2 where kB = 11900 e‘sleO/RT
L VR k= 2000 ~65900/RT 20)
00 BPB
for the catalytic oxidation, and
-30000/RT

r. = kop /2, where ky = 237000 e (21)

M- “MPM

Implicit in these equations are the successive oxidations of
benzene and maleic anhydride. The direct oxidation of benzene to
water and carbon oxides is not permitted.

The optimization results reported in table II indicate that
the activation energies are almost independent of the model chosen
to represent the fluidized bed reactor. Furthermore, the activa-
tion energy obtained in this manner agree with those reported by
Holsen, Steger and Germain et al while those given by Quach are
much smaller. The data are summarized in table III below. More-
over, it is known from the catalyst fabricator that fixed bed
reactors having an inlet benzene concentration of 1.5% and a resi-
dence time of 0.72 s. give conversions on the order of 93 to 957.
The kinetics required for this result coincide with the kinetics
obtained from the numerical experimentation. Finally, we note
that the energy of activation for the homogeneous decomposition of
maleic anhydride obtained from the optimization is in good agree-
ment with the work of Quach et al.

TABLE III
COMPARISON OF ACTIVATION ENERGIES
Temperature | Activation

Worker Catalyst range °C energy
kJ/moie

Holsen V205/A1203 325-450 81-82

Ag20, V905, MoO,, _

Steger A1203/SiC 3 450-530 63
Germain et al VZOS/MOO3 380-500 92-42

Quach et al v205/8102 280-430 24

Our numerical

optimization V205/8102 430-490 60-67

Discussion and Conclusion: Fluidized Bed Model

The optimized values given in table II include the values of
the mean bubble diameter. These values are consistently smaller
than those calculated from the Mori and Wen equation. For example,
at the central point of the factorial plan, a value of Dy = 2.1 cm
is predicted by Mori and Wen's equation while the "optimized"
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values for Dy vary between 1.22 and 1.71 cm depending on the simu-
lation case.

This discrepancy is not entirely unexpected since the bubble
diametersidentified from the fluidized bed models are apparent or
effective values intimately linked to the mass transfer mechanism
of the model. The smaller bubble size values obtained by our pro-
cedure may simply mean that the actual mass transfer is larger
than that suggested by the Orcutt-Davidson models. This is compa-
tible with the fast reaction assumption that implies a dispropor-
tionately high conversion close to the distributer and a much high-
er mass transfer rate in this zone. Calculations of conversion
and selectivity have good general agreement with Kizer's results
as shown in Figure 6. An exception is the selectivity-bed height
relationship. Our calculations show selectivity to be insensitive
to bed height, but Kizer found a strong inverse relation between
selectivity and Hp¢. Kizer explains this by proposing a direct
oxidation of benzene to water and carbon oxides which is in compe-
tition with the oxidation to maleic anhydride. We note that the
heterogeneous depletion of maleic anhydride may also explain the
above behaviour.

Kizer et al (14) claimed that the combined effects of bed
height and flow rate could be replaced by the residence time.

This implies that simple fixed bed models could be used to ade-
quately describe this reactor. Table II and Figure 4 shows that
this could be the case for the Orcutt-Davidson PM model, however
the model demands the unrealistic value of Dy, = 0.043 cm (case
A). The PF model requires operation away from the limiting con-
versions and is thus in conflict with Kizer's claim, although more
realistic values of Dy, are estimated. It seems probable that the
reactor operation is somewhere between that of a single-phase
perfectly mixed reactor and plug flow in the same reactor. It is
precisely in this region that both bed hydrodynamics and kinetics
are important. Thus, it is not useful to further analyse our re-
sults without possessing independant knowledge of the hydrodynamic
or kinetic parameters.

A number of points have become apparent as a result of our
efforts to simulate the fluidized-bed reactor-preheater system
studied by Kizer. Two of the most important are: it is impera-
tive to have good kinetic data for the reaction(s) that occur. It
has been demonstrated that the interpretation of the results is
profoundly affected by relatively small changes in the kinetics.
The second important point is the recognition that there are re-
gions of operation where both the reaction kinetics and the bed
hydrodynamics influence the overall performance of the reactor.
The coupling of kinetic and hydrodynamic effects is strong such
that both must be known to properly describe the reactor beha-
viour.

We note that this model is not suited to process control
purposes. The computational resources and time required are sim-
ply too great to allow real—time control algorithms to use this
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model in spite of the many simplifying assumptions made to reduce
the computer load.

Legend of Symbols

- cross-sectional area of reactor, m?

- heat-transfer area, m

- specific heat, cal ° g‘l

- concentration, mol percent

- diameter, m

- activation energy, J ° mol~1

volumetric flow rate, m3 - h~

- mass flow rate, g - h-1

- heat transfer coefficient, cal * m 2 . gL . oc7l
- enthalpy, cal - g~

- height, m

heat of reaction, cal - mo1~1

= (kéRTWs)/(AU), dimensionless reaction rate

- reaction rate constant, sec”

- Prandtl number, dimensionless

(partial) pressure, N - m=2

- heat, cal

Reynolds' number, dimensionless

- gas constant

- reaction rate, mol - h-1

- temperature, ©C
velocity, m - sec”
- volume, m

- mass, g

= (xH)/(UpVy,), number of transfer units, equations
(10) and (11)

overall rate of exchange between bubble and dense
phase

cs Yp, Yg - reactor conversion, production and selectivity
=1 - (Uye/U), equations (10) and (11), dimensionless
- parameter of equation (16)

thermal conductivity, cal - sec — - m1 . oc-1

- viscosity, Pa -+ sec”

- stoichiometric coefficient, dimensionless

- parameter of equation (16)

- density, g + cm”

OU:WWEEEI:"O"HMUOON>
?¢_' Hh
1 | !

]
[

1

» LR = B )
[ [

DM E >3 ™
1

Subscripts

a - air (at NTP; 20°C and 1 atm)
B - benzene

b, bo, bm - bubble, initial, mean

c - convection

f - fluid

in - inlet
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i, j - summation indices

2 - lost

M - maleic anhydride

m — mean

mf - minimal fluidization
P - particle

R - reactor, reaction

S - separation

s - solid
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A Model for a Gas—Solid Fluidized Bed Filter

MICHAEL H. PETERS, THOMAS L. SWEENEY, and LIANG-SHIH FAN
Department of Chemical Engineering, The Ohio State University, Columbus, OH 43210

A general mathematical model for simulating parti-
culate removal in gas-solid fluidized beds is pre-
sented. Model predictions of the fluidized bed fil-
tration efficiencies, which include the possibility
of electrical effects, are shown to compare well to
the experimental results of various investigators.
Because of the general formulation of the proposed
model it is believed to be applicable in the design
of both single and multistage fluidized bed filters.

Fluidized beds have been employed in many industrial process-
es such as coal combustion, gasification and liquefaction, solid
residue pyrolysis, catalytic cracking and reforming, and polymer
production. In addition, the possibility of using fluidized beds
for fine particulate removal has recieved growing attention over
recent years (1 - 12). Typically, the fluidized bed is of the gas-
solid type and the particulates may be liquid or solid aerosols.
Note that in this application the bed medium solids function as
the collecting medium and particle removal is accomplished through
particle-collector contacting.

Our approach to the problem of predicting the performance of
fluidized bed filters involves logically coupling models that de-
scribe the flow behavior of the fluidized state with models that
describe the mechanisms of particle collection. The collection
mechanisms analysis leads to expressions for determining the col-
lection efficiency of a single filter element. An example of a
collection mechanism is inertial impaction by which a particle de-
viates from the gas stream lines, due to its mass, and strikes a
collector. It should be noted that because particle collection
mechanisms are functions of the fluid flow behavior in the vicin-
ity of a collector, there exists an interdependency between fluid-
ization mechanics and particle collection mechanisms.

In a previous paper, the importance of fluidization mechanics
on the performance of fluidized bed filters was demonstrated (13).
To accomplish this, classical methods were employed for evaluating

0097-6156/81/0168-0075$05.00/0
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the single spherical collector efficiencies. 1In the present paper
our analysis is extended by considering more realistic methods for
estimating particle removal efficiencies for a single collector
element.

Model Background

The model presented here for quantitatively describing the
mechanics of the fluidization process is a simplified version of
a more complex scheme recently proposed by Peters et al (14), and
is largely based on bubble assemblage concepts (15). 1In brief,
the bubble assemblage concept considers an aggregative fluidized
bed to be divided axially into a number of compartments. Each com-
partment consists of a bubble, cloud, and emulsion phase. The size
of each compartment, which varies throughout the fluidized bed, is
based on the cloud diameter computed at a given bed height. The
key features of the present analysis lie in the reduction in inde-
pendencies among the relationships as well as elimination of major
two phase theory assumptions (14).

Model

Figure 1 shows the present model representation of the gas-
solid fluidized bed. Making a steady-state material balance on
particulates over the nth compartment results in the equation

165(Cs 7 G ) *FFigygy Y (Chup G
n-1 n n n n n
(1)
B 3(1—ei) Vin
PPaops V1 Cog TG ey € Ui
n n n n n n C

Where, i = 1 for the bubble phase, i = 2 for the cloud phase, and
i = 3 for the emulsion phase. Note from the term on the right-
hand side of Eqn. (1) that a first order rate equation for parti-
culate collection is assumed (10). The inlet gas corresponds to
the zeroth compartment, thus,

Cl =Co
o

C, =¢, (2)
o

C3 =C°
o
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Figure 1. Schematic of the present model
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Estimation of the Parameters of the Model

As presented below, the parameters in the model may be esti-
mated in terms of a relatively small number of fundamental parame-
ters that characterize either the bubbling phenomenon, mass con-
servation, or particulate collection mechanisms. For those para-
meters not based on average properties the subscript n has been
omitted for clarity in many cases.

A. Superficial gas velocity, U . The superficial gas velocity
can be expressed as

Uo = Uls + U2$ + U38 3

where Uls’ UZS, and U3 are based on average properties in the
fluidized bed. _
B. Superficial gas velocity in the bubble phase, Uls' The super-
ficial gas velocity in the bubble phase is related to the average
linear bubble phase gas velocity and the average bubble phase vol-

ume fraction by

Uls = Ul 61 €

(4)
where U, and §, are computed from the relationships given in sec-
tions EV and M., respectively. Note that Eqn. (4) represents the
so-called visible bubble flow rate. _

C. Superficial gas velocity in the cloud phase, U, . Since a
bubble and its associated cloud rise together at theé same linear
velocity, the superficial gas velocity in the cloud phase is given
by

U =

€
2 —
2s = v %)

€1 1s

2

where 8,/8] is given in section F.

D. Superficial gas velocity in the emulsion phase, U3s- Substi-
tuting Eqns. (4) and (5) into Eqn. (3) gives the superficial gas
velocity in the emulsion phase, as

U3S = Uo - Ul (8,e,+ 5282) (6)

subject to the stipulation that
U, > U (6151 + 8,e,) N
E. Linear gas velocity in the bubble phase, Uj. The linear gas

velocity in the bubble phase may be computed from the commonly ac-
cepted relationship proposed by Davidson and Harrison (16).

In Chemical Reactors; Fogler, H.;
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U, = (Uo-Umf) + 0.71 yGD,; (8)

The average linear gas velocity in the bubble phase may be expressed
as

Ul = (Uo-Umf) + 0.71 GDl

9
F. Volume ratio of cloud to bubble phases, 62/61. The volume
ratio of the cloud phase to the bubble phase may be estimated from
the model of Murray (17)

U
2 ___ wmf (10)

1 w17 Vs

and the average volume ratio may be expressed as

s, U
2 . mf (11)
1 €nf U1~ Uns

G. Bubble Diameter, D,. A recent correlation by Mori and Wen
(18), which considers the effects of bed diameters and distribu-
tor types, is utilized. This correlation, based on the bubble di-
ameter data appearing in the literature prior to 1974 is

1 1
m = -
=5 = exp ( 0.3h/DR) (12)
1 1
m o
where
_ 2/5
Dlm = 0.652[s (u, - Umf)] (13)
and
5 (Uo -Umf) 2/
D, = 0.347 = (14)
N
o D
(for perforated distributer plates)
2
D10 = 0.00376 (U_-U_.) (15)

(for porous distributor plates)
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This correlation is valid over the following variable ranges:

0.5 < U o< 20 , cm/s
0.006 < Dc < 0.045 , Cm

Uy = U g < 48 , cm/s

DR < 130 , Ccm

H. Gas interchange coefficients. Gas interchange coefficients
given here are based on the Murray model (12). The analysis par-
allels the two step transfer mechanism proposed by Kunii and Lev-
enspiel (19) which is based on the Davidson model (16). Assuming
an average bubble throughflow (20) and neglecting the film diffu-
sional contribution between bubble and cloud phases, which is usu-
ally small compared to the bulk flow term, the gas interchange co-
efficients can be expressed as

U

mf
F12 =1.5 (D—) (16)
1
and 1/2
DG Enf U1
F23 =6.78 (———5——) a7n
D
1

Note that these expressions have been previously given from an ov-
erall standpoint by Chavarie and Grace (21).

I. Expanded Bed Height. The height of bed expansion can be ap-
proximated as (14)

YL(@U -U_,)
L=1  + o mb (18)
U, -U et 0.71Y6D,

where

D, =D; - (1)1 - D, ) exp (-0.15me/DR), (19)

m m o

and

Y = 0.76

J. Volume Fraction Gas in Each Phase. The volume fractionof gas
in the cloud and emulsion phases is assumed to be equal to that at

In Chemical Reactors; Fogler, H.;
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minimum fluidization throughout the entire bed:

€, = €, = € (21)

The model assumes a value of 1.0 for the volume fraction of gas in
the bubble phase.

K. Cloud diameter, D,. The diameter of the cloud may be easily
obtained by rearranging Eqn. (10) to give

D3 e .U

mf 1
<) = — mf L (22a)
D €mf U1~ Uns

as well as the average cloud diameter as

e U
2. _—mf 1 (22b)

L. Number of Bubbles in a Compartment, N. With compartment height
based on the diameter of the cloud, the number of bubbles can be

computed from material balance considerations as well as some as-
sumptions concerning the average solids volume fraction in the bed

(14)

6S Dzn(e - emf)
N = 3 (23)
T Dl (1- emf)
n
where
me
l1-¢ =T (l-emf) (24)
for h < me
and
Lnf h-Loe
l-¢ = N (1- emf) exp | - (ﬁ—) (25)
mf
for me <h

M. Volume fraction of each phase, §,. The volume fractionof the
bubble, cloud and emulsion phases may be computed as

In Chemical Reactors; Fogler, H.;
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Gi =Vi /SD2 (26)
n n n

where i = 1 for the bubble phase, i = 2 for the cloud phase, i = 3
for the emulsion phase, and

_ 3
v, = N (1/6) mD; 27)
n n
U
mf
v, =V, |——— (28)
2n ln Enf Ul-Umf
Vy =8D, -V, -V, (29)
n n n n
Note that,
(Sl = Vl/SD2 (30)
and
_ _ _3
v, =N (1/6) mD; (31

where N is evaluated at h = me/Z and 31 is given by Eqn. (19).

N. Single Spherical Collector Efficiencies. Four collection
mechanisms are considered in the present analysis: dinertial im-
paction, interception, Brownian movement and Coulombic forces. Al-
though in our previous analysis the electrical forces were consid-
ered to be of the induced nature (13), there is evidence that it
is the Coulombic forces which dominate the electrical interactions
between the particle and collector (7, 12, 22). Taking the net
effect as the simple summation of eachcollection mechanism results
in the single spherical collector efficiency equation,

- 2
Ny " Yyt ep Y (32)
where
nyp = ~0.19133 + 1.7168 5tk - 1.2665 Stk>
+ 0.31860 Stk3 (33)

for €, = 0.4 and Stk = 0.12
1 Cc
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3

1.31 2
NNt T 1.5 (—E;fﬁ NR (34)

. 1.31, . -2/3
Nap = 4 (—ET—O Pe (35)

i
~ 0.87
ng = 4.4KC (36)
for €. = 0.4
i

The particle diffusion coefficient is calculated from the Stokes-
Einstein equation (24)

D, = ?K:r—{l + rl [1.257 + 0.4 exp (-1.10 rp/A)]} (37)
P P

Equations (33) - (35) are taken from Tardos et al (23), and are
based on a low Reynold's number analysis. Eqn. (33) is the result
of a "best-fit" of the theoretically computed values taken from
Figure 7 of that same work. Similarly, Eqn. (36) for the electri-
cal deposition, is obtained from a "best-fit" of the theoretically
computed values taken from Figure 3 of Tardos and Pfeffer (21).
Note that if the particle and collector charges are of the same
sign, the electrical deposition efficiency becomes the negative of
Eqn. (36). Consistent with the flow field models used in the de-
velopment of Eqns. (33) - (36), the velocity employed is an assem-
bly averaged velocity for each phase. For the multi-phase situa-
tion that exists in the fluidized bed, this is given by the super-
ficial or empty-tower velocity divided by the phase volume frac-
tion, _

5. - s (38)

i 8,
i
Note from Eqn. (38) that since the volume fraction of each phase
varies throughout the bed, so will the assembly average velocities
and hence, the single collector efficiencies.
0. Volumetric average particulate concentration at the exit of
the bed, Cy,¢, and the overall collection efficiency, X.
The volumetric average particulate concentration at the exit

of the bed is expressed by

Uis Upg Usg
Cout G217 Yoy tC g oo (39
o (o] o

and the overall collection efficiency, in percent, is defined as

In Chemical Reactors; Fogler, H.;
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Co ™ Cout
X = 100 (—-—C—"l——) (40)

o

At ratios of superficial to minimum fluidization velocities great-
er than three to five, local flow reversal of gas in the emulsion
phase can occur (14). 1In the present analysis the divisions of
gas flow among the phases are based on average values, and thus are
taken to be constant throughout the fluidized bed. Equation (7)
states that only an average upward flow of gas in the emulsion
phase is considered here. It is assumed that the equations de-
scribing the flow of gas in a fluidized bed are also applicable to
the flow of particulates, and that the particulates contacting a
collector adhere to it and are not re-entrained by the gas flow.
Relative changes in particle velocities due to the motion of the
collectors in the fluidized bed are neglected.

Method of Solution

Calculations of the overall collection efficiency for the
fluidized bed filter begin with specification of the values of the
superficial gas velocity, U,, minimum fluidization velocity, Umf’
bed height at minimum fluidization, L £ void fraction at minimum
fluidization, egjf, column diameter, D_, gas viscosity, u, collec-
tor diameter, D_, density of particulate, p,, and particulate di-
ameter, D . Thére are no adjustable parameters in the present mo-
del. Thepcharge acquired on both the particulates and collectors,
Qp and Q c’ respectively, remain as experimentally determined in-
put parameters in the present analysis.

Because bubble diameter is a function of the height from the
distributor, and the height from the distributor is taken to the
center of the bubble in question, an iterative procedure is used
to determine Dj. The initial guess is taken to be the bubble dia-
meter computed for the previous compartment. For each compartment
there are three material balance equations with three unknowns,
the concentrations in each phase (bubble, cloud and emulsion). The
total number of equations then is three times the total number of
compartments. These may be solved by a matrix reduction scheme or
a trial and error procedure. The average superficial gas veloci-
ties in each phase are first determined from Eqns. (4) - (6). The
computational sequence for the remaining parameters in Eqn. (1) is
given in Table 1.

It is assumed here that the size of the last compartment is
determined from the difference between the cummulative compart-
ments size and the height of the expanded bed. However, for con-
sistency, gas interchange coefficients and the linear bubble phase
gas velocity are based on a hypothetical bubble diameter predicted
from Eqn. (12). The computational scheme also takes into consid-
eration the possibility of only two phases in any compartment.
This can result from both cloudless and cloud overlap compartments,

In Chemical Reactors; Fogler, H.;
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Table I. Computational sequence for parametric evaluation at the

nth compartment.
1 12 D
2 8 Uy
3 10 8,181
4 22a D,
5 24, 25 €
6 23 N
7 27, 28, 29 Vis Yy, V
8 26 8
9 16, 17 Fl20 Fa3
10 38 Uz» U3
11 32 N1

typically occuring for larger minimum fluidization velocities. Fig-
ure 2 shows a typical situation that can occur along with the ap-
propriate simplified equations. Gas interchange in a two phase com-
partment is taken to be solely Eqn. (16), based on the so-called
invisible bubble flow rate. The unsteady-state diffusional contri-
bution, Eqn. (17), is neglected.

Results and Discussion

The potency of the present model lies in predicting the perfor-
mance of fluidized bed filters over a relatively wide range of op-
erating conditions. Our previously reported sensitivity studies
and comparisons with experimental results (13) are extended here.

Comparisons with the Experimental Results of Tardoset al (12).

Figure 3 shows a comparison of the model predictionof the over-
all collection efficiency as a function of superficial gas velo-
city versus the experimental data of Tardos et al (12). Since the
charge acquired on the collectors was not reported, assumed values
shown in Figure 3 were employed. It should be noted that this as-
sumed functional dependency between Qpc and U, was not entirely ar-
bitrary, but qualitatively suggested by experimental measurements
of the electric potential in the fluidized bed (12). An important
aspect of Figure 3 is both the model prediction and experimental

In Chemical Reactors; Fogler, H.;
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Figure 2. Compartments representation of cloudless and cloud overlap compart-
ments
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Figure 3. Comparison of ( ) model prediction and (O) experimental data
(12) for the overall collection efficiency as a function of superficial gas velocity:
D, =1.01 um
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observation of a maximum in the overall collection efficiency as a
function of superficial gas velocity. Model analysis shows that
this is due to the competing effects of electrostatic collection
and gas by-passing. In Figure 4, the same charge distribution as-
sumed in Figure 3 is employed for comparisons at a slightly larger
particle diameter. Model analysis indicates that the higher effi-
ciencies observed in Figure 4 over Figure 3 are due solely to the
higher predicted interception efficiencies. Increases in the sin-
gle collector efficiencies due to increases in the specific charge
density outweigh gas by-passing effects up to a superficial gas
velocity of about 18 cm/s in Figures 3 and 4.

Comparisons with the Experimental Results of Gutfinger and

Tardos (11).

In addition to the effects of superficial gas velocity on the
overall collection efficiency, the direct effects of particle dia-
meter are also of importance. Figure 5 shows the present model
predictions of the overall collection efficiency as a function of
particle diameter compared to the experimental data of Gutfinger
and Tardos (11). Since experimental care was taken to neutralize
electrical effects for this system, these were not included in the
model predictions. Thus, only three mechanisms were considered in
Figure 5, namely, inertial impaction, interception and Brownian mo-
tion. In Figure 5 reasonable agreement is seen at small particle
diameters (< 0.3 ym) where Brownian motion is predominent, and at
large particle diameters (> 3 um) where interception effects are
controlling. In the vicinity of the minimum overall collection ef-
ficiency (~ 1um) the agreement is not as good. It is also in this
region that the predicted results are very sensitive to the values
of the single collector efficiencies. In Figure 5 the experiment-
al data would indicate higher single collector efficiencies in the
vicinity of the minimum than predicted by the equations employed
here.

For completeness it should be noted that the minimum overall
collection efficiencies in Figures 3 and 4 occur for particle dia-
meters less than 0.5um. Thus, the particle diameters employed in
Figures 3 and 4 are sufficiently displaced from the minimum so that
the results are not considered fortuitous.

Comparisons with the Multistage Efficiencies of Patterson
and Jackson (8).

For highly reactive systems in which the majority of particu-
late collection in the emulsion phase occurs in a relatively short
distance from the distributor plate, multistage fluidized beds
have been employed (8, 4). Because of the general formulation of
the present model, it may be employed for determining multistage
fluidized bed filtration efficiencies. This includes a variation
in the characteristics of each stage suchas bed depth and collector size.
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Figure 4. Comparison of ( ) model prediction and (O) experimental data
(12) for the overall collection efficiency as a function of superficial gas velocity:
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Figure 5. Comparison of ( ) model prediction and (O) experimental data
(11) for the overall collection efficiency as a function of particle diameter
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Figure 6. Comparison of the predicted multistage efficiencies and the experimental

results (8). Model prediction: ( ) D, = 1.0 um; (-——-) D, = 0.67 ym; (- - *)

, = 0.50 ym. Experimental: (O) D, = 1.0 ym; ([]) D, = 0.67 um; (A\) D, =
0.50 pm.
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Under the simplifications that each stage has identical char-
acteristics and that the particulates are of a single size, model
predictions of the single stage efficiencies may be directly used
to calculate multistage efficiencies by (8)

X
1M
X, = 100 [1-@- 130 ] (41)
In Fig. 6 the present model predictions of the multistage efficien-
cies calculated from Eqn. (41) are shown to compare closely to the
experimental data of Patterson and Jackson (8). Because of the im-
portance of electrical effects noted for this system, (12) the
Coulombic force term in Eqn. (32) was included. Values of Qp and
Qpc were arbitrarily set as shown in Figure 5. It should be noted
that along with pressure drop information the present model may be
used for optimizing the depths of each stage in a multistage flu-
idized bed filter.

Conclusion

In the present paper our previous analysis of fluidized bed
filtration efficiencies has been extended by considering more real-
istic methods for estimating the single collector efficiencies as
well as more recently reported experimental results. In general
the predicted values of the fluidized bed filtration efficiencies
compare favorably to the experimental values. For electrically ac-
tive fluidized beds, direct measurements of the particle and col-
lector charges would be necessary to substantiate the results giv-
en here.

The present model appears to be useful in the design of fluid-
ized bed filters. It does not address questions concerning the
quality of fluidization, stickiness of the particles, solids regen-
eration rates and agglomeration effects. In order to optimize the
fluidized bed filter these effects must be considered in conjunc-
tion with those aspects to the problem elucidated here.

Legend of Symbols

Ci = concentration of particles in nth compartment in phase i,
n g/cm

c, = inlet particle concentration, g/cm3

C,ut = outlet particle concentration, g/cm3

DC = collector diameter, cm

DG = molecular diffusion coefficient of particulate, cm2/s

DP = particulate diameter, cm

DR = fluid bed diameter, cm
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equivalent spherical bubble diameter having the same vol-
ume as that of a bubble, cm

equivalent spherical cloud diameter, cm

average equivalent spherical bubble diameter, cm
average equivalent spherical cloud diameter, cm
initial bubble diameter, cm

maximum bubble diameter, cm

gas interchange coefficient between phase 1 and phase 2
per unit volume of phase 1, 1/s

gas interchange coefficient between phase 2 and phase 3
per unit volume of phase 1, 1/s

gravitational acceleration, cm/s2
height from distributor plate, cm
Boltzman's Constant, 1.38 x 10716 erg/molecule °K

dimensionless characteristic particle mobility for Coulom-
bic force,

DP QAC QP
311Ui €
expanded bed height, cm

bed height at Um , Cm

f
number of bubbles in a compartment
average number of bubbles in a compartment
number of orifice openings on the distributor
Pecl i

eclet number, UiDc/DG

dimensionless interception parameter, Dp/Dc

charge on collector, C/cmz, assumed of opposite
charge on particle, ¢/cn? Siif;lsistzzorighout

particle radius, cm
. 2
cross sectional area of bed, cm

Stoke's number 24
D U.p
1l p i’p
9 uDC

critical Stoke's number, below which there can be no col-
lection by inertial impaction
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assembly averaged velocity of gds in phase i, cm/s
average linear gas velocity in bubble phase, cm/s
average superficial velocity of gas in phase i, cm/s
minimum fluidization velocity, cm/s

superficial gas velocity, cm/s

volume of phase i in nth compartment, cm3

average volume of bubble phase, cm3

overall collection efficiency (%)

overall collection efficiency for Mth stage (%)

Greek Symbols

e, = void fraction of gas in phase i

€nf " void fraction in bed at Umf o1 o )

e = permittivity of free space, 8.85 x 10 C”/dyne - cm

éi = volume fraction of bed occupied by phase i

61 = average bubble phase volume fraction

n; = single spherical collector efficiency in phase i

Ngp = single spherical collector efficiency for Brownian motion
vp = single spherical collector efficiency for impaction

NNt T single spherical collector efficiency for interception

n = single spherical collector efficiency for Coulombic forces
pp = particle density,3g/cm3

P = gas density, g/cm

u = gas viscosity, g/cm-s

A = mean free path of gas, ~ 6.5 x 10—6 cm for air at 20°C
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Modeling and Simulation of Dynamic and Steady-
State Characteristics of Shallow Fluidized
Bed Combustors

L. T. FAN and C. C. CHANG
Department of Chemical Engineering, Kansas State University, Manhattan, KS 66506

The dynamic and steady-state characteristics of a
shallow fluidized bed combustor have been simulated
by using a dynamic model in which the lateral solids
and gas dispersion are taken into account. The
model is based on the two phase theory of fluidiza-
tion and takes into consideration the effects of
the coal particle size distribution, resistance due
to diffusion, and reaction. The results of the
simulation indicate that concentration gradients
exist in the bed; on the other hand, the tempera-
ture in the bed is quite uniform at any instant in
all the cases studied. The results of the simula-
tion also indicate that there exist a critical
bubble size and carbon feed rate above which
""concentration runaway" occurs, and the bed can
never reach the steady state.

Fluidized bed combustion is believed to be one of the most
promising methods for direct burning of coal in an environmentally
acceptable and economically competitive manner. Many mathematical
models have been proposed to predict the performance of fluidized
bed combustors (see, e.g., 1-7). A review of the models has been
presented by Carretto (8). Most of these models are steady-state
ones, and, furthermore, assume that concentration and temperature
variations do not exist in the lateral direction of the bed. How-
ever, it has been shown that there could be significant variation
in the carbon concentration across a large fluidized bed reactor
(9). Fan et al. (10) have proposed an isothermal dynamic model
for estimating the lateral carbon concentration distribution in a
shallow fluidized bed combustor. Simulation based on the model
has indicated that an appreciable carbon concentration gradient
can exist in the lateral direction in the bed. The objective of
this work is to improve the model by eliminating the assumption of
isothermal condition in the bed.

0097-6156/81/0168-0095%$05.25/0
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In the present work, the transient and steady-state character-
istics of a fluidized bed combustor are studied by solving numeri-
cally a dynamic model in which lateral solids and gas dispersion,
lateral temperature distribution and wide size distribution of
coal feed are taken into account. The influences of bubble size,
excess air rate, specific area of heat exchangers and coal feed
rate on the performance of the fluidized combustor are examined by
means of simulation with the model.

Mathematical Formulation

Let us consider a shallow fluidized bed combustor with mul-
tiple coal feeders which are used to reduce the lateral concentra-
tion gradient of coal (1l1). For simplicity, let us assume that
the bed can be divided into N similar cylinders of radius , each
with a single feed point in the center. The assumption allows us
to use the symmetrical properties of a cylindrical coordinate sys-
tem and thus greatly reduce the difficulty of computation. The
model proposed is based on the two phase theory of fluidization.
Both diffusion and reaction resistances in combustion are consid-
ered, and the particle size distribution of coal is taken into
account also. The assumptions of the model are: (a) The bed con-
sists of two phases, namely, the bubble and emulsion phases. The
voidage of emulsion phase remains constant and is equal to that at
incipient fluidization, and the flow of gas through the bed in
excess of minimum fluidization passes through the bed in the form
of bubbles (12). (b) The emulsion phase is well mixed in the axial
direction, and the solids mixing can be described by the diffusion
equation in the lateral direction (9). The bed can be character-
ized by an effective bubble size, and the bubble flow is of the
plug type (10). (c) No elutriation occurs. (d) The convective
transport of coal particles in the lateral direction can be ne-
glected. (e) Ash is continuously withdrawn from the bed at the
same rate as that in the feed. (f) The only combustion reaction is

C+0———>CO2
(g) The solids and gas are at the same temperature. (h) The size
distribution of coal particles in the bed is the same as that in
the feed; the sizes of coal particles are widely distributed (1).
These assumptions give rise to the following equations:

Material balances in the emulsion phase

3[CP, (R)] a[cP, (R)]
b _ 1 3 b
3t = YpP (R) + T 50 (D, ——)
3[CP, (R)S(R)]  3CP, (R)
+ = - —— s® @)
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3C _ 13 aC. max 3S(R)
at \PF + r or (rDs or f CP (R)4R
aC U aC
ae _ mf _l_ 9 ae
€mf ot (1 - éb)L (Cao - Cae) t T ( ™. Tor )
) L
b 1
+ 1-6 L f Kbe[cab(z) - Cae]dz
b 0
R
- [max —3% CP, (R)AR
0 C
Material balance in the bubble phase
aC aC
ab ab
5t - U T3z~ %pelCab 7 Cad
Energy balance
UpC
T _13 9T, , &g P8 - -
mepm at  r Odr (rke ar) + L (Tgo D+ \yF(l (Sb)cps(T
R
+{@ - sy [max 38R cp Ry ar}(-om)
b 0 R b
- ha(T - Tw) + o(t)
where

C _=pC 6§ + c 1-58
nlom = PeCpgds t Os ( )

The appropriate initial and boundary conditions are

£=0; Cab=ae=cao’T=To’C=0
t > 03 Cab-cao at z =0
aC )
aC ab _ _"ae _ oT _ -
or dr  or or 0 atr=20
o Xab _%Cae ot _ L.
3r | or or or RB
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The feeding rate function, WF’ is defined as:

= F = 2F at 0 <r<r
mre (1 - éb)L mre me

f

= < <
[ 0 at ro <r iRy
and the size reduction function of coal particles is defined as:

__dr
S(R) = it
The unreacted core shrinking model gives rise to the size reduc-
tion function of the following form (13);

dR
a -3
K

CaeMC
6
D~ (6)
kS

S(R) = -

1
+

0Q

The heat source function, ¢(t), is defined as:

2(t) = QU(E) - U(t - )] )

A fluidized bed combustor can be used as a process heater
(the type A combustor) or a steam generator (the type B combustor)
as shown in Fig. 1. The combustor usually has no built-in heat
exchangers when it is used as a process heater, and it operates
with a very high excess air flow rate.

Numerical Simulation

Numerical calculation has been carried out using a software
interface which is based on the so-called "Method of lines" (14).
Gear's backward difference formulas (15) are used for the time
integration. A modified Newton's method with the internally gen-
erated Jacobian matrix is utilized to solve the nonlinear equa-
tions.

To simulate the start-up of the combustor, gn external heat
source with a constant strength of 30 cal/sec-cm”, i.e., Q = 30 in
equation (7), is applied to the system at the onset of operation.
The coal particles are fed into the bed when the bed temperature
reaches 1300°K, and the heat source is removed ten seconds later.
Thus,

d(t) = 30[U(t) - U(t - 10)]
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Figure 1. Two types of shallow fluidized bed combustor
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It is assumed that circulation of the cooling steam through the
heat exchangers is started fifty seconds after feeding of the coal
particles into the bed is initiated. The functional relationships
among variables and the nominal values of various parameters
employed in numerical computation are listed in Table I and II,
respectively. Numerical simulation has been carried out sepa-
rately for the type A combustor and the type B combuster in order
to emphasize the differences between them.

Results and Discussion

Type A combustor [see Figure 1l; no heat exchangers in the bed,
i,e., a = 0 in equation (5)].

Figure 2 shows the effect of bubble size on the steady-state
carbon concentration and bed temperature profiles. The concentra-
tion profiles are similar to those obtained previously (10) in that
an appreciable carbon concentration gradient is generated along
the lateral direction, and large bubbles can reduce this concentra-
tion gradient. Furthermore, the temperature profiles are almost
flat, indicating that the superior heat transfer property of a
fluidized bed overcomes the poor lateral mixing effect and that an
isothermal model is probably adequate for representing the steady-
state characteristics of a fluidized bed combustor.

The effect of excess air rate on the steady-state carbon
concentration and temperature profiles is shown in Figure 3. As
can be seen, the effect of excess air rate on the carbon concentra-
tion profiles is not profound. On the other hand, even though the
steady-state bed temperature profiles are essentially flat, the
temperature level is strongly influenced by the excess air rate.

It is usually desirable to operate the combustor at certain optimal
temperature ranges in order to control the emission of NOx and SO
or to obtain the maximum combustion efficiency. This can probably
be accomplished through the control of excess air flow rate.

Figure 4 shows the effect of bubble size on the transient,
average carbon concentration. Note that a critical bubble size
exists, above which a concentration runaway occurs, i.e., the bed
cannot reach a steady state. This is the result of an insufficient
rate of oxygen transfer from the bubble phase to the emulsion
phase. It can also be seen in the figure that the steady-state
average carbon concentration is strongly influenced by the bubble
size; it increases sharply when the bubble size exceeds a certain
value, e.g., 5 cm in this case.

The effects of bubble size and excess air rate on the tran-
sient average bed temperature are illustrated in Figure 5. The
effect of bubble size is almost negligible under stable operating
conditions, while the effect of excess air has a strong influence
on the temperature change. It can be seen in both Figures 4 and 5
that the bed reaches a steady state at about 2000 s after initi-
ation of the operation. This value is very different from the
value, 200 s, obtained based on an isothermal dynamic model (10).
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Table I. Variable Relationships

2 2.0.5
U = G (133,77 + 006080 % o (o -0 )g/u’]
- 33.7} cm/s
s o 0 Vmf T Log
b Ub L
U =0, -U__+ 0.711 (gd )0'5 cm/s
b 0 mf : B
= .IF.QZ— 1/S
Kbe K1+K2
Umf D0.5 0.25
where K, = 4.5 - 5.85 ( 155 )
B d
B
e DU, 0.5
K, = 6.78 (2D an*
2 e 1/
B
dB 2
D =0.187 § U . ——==—— cm' /s (18)*
s b mf (l-c‘Sb)t:mf
e s'"s “ps’ cmes*°K =L
Po(R)’ Pb(R) ~ N(uc, Uc)
b,
u T
2 2
0.5
1073 P am .+ 1w )
air 02 2 (19)%
D= cm' /s 19
1/3 1/3 —
PL(ZV) ;0 + (ZV)O2 ]
P
gD
T
Dgz 1
*References
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Table II. Numerical Values of Parameters
Used in Computation

Cc =2.38 x 107° mole/cm

ao

bg = 0:238 + 1753 x 1073 (1-273) cal/g°C

- o

Cps = 0.215 cal/g°C
dB =2, 5, 10 cm
d = 0.05 cm

P
Excess

air = 100, 150, 200% (Type A combustor); 5, 10, 20%
(Type B combustor)

(-0H)= 7831 cal/g

me =15 cm

R = 40 cm

T = 1300°K

o

T =T = 300°K
go so

T = 600°K

w

€nf 0.5

P = 1.4 g/cm3

s .

‘l’F = 0.02, 0.03, 0.04, 0.05 (Type A combustor)

0.01, 0.02, 0.03, 0.04 (Type B combustor)
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This implies that even though the bed temperature is fairly uni-
form, an isothermal dynamic model can not represent sufficiently
well the temperature transient of a fluidized bed combustor, and
therefore, a nonisothermal dynamic model is necessary.

The effect of carbon feed rate, as expressed in terms of the
carbon feed rate function, ¥_, on the steady-state carbon concen-
tration and bed temperature profiles is presented in Figure 6.

It can be seen that the shapes of the concentration profiles
remain almost unchanged. This appears to indicate that the carbon
feed rate has a negligible effect on the concentration gradient;
it only influences the average amount of carbon in the bed. This
result was also observed in a previous study (11).

In Figure 7 the effects of carbon feed rate and bubble size
on the steady-state average carbon concentration are shown. The
existence of critical bubble size for a fixed carbon feed rate can
clearly be observed in this figure. It can also be observed that
a critical carbon feed rate exists above which concentration run-
away occurs, and a stable or steady-state condition can not be
reached for a given bubble size. The value of the critical feed
rate increases with a decrease in the bubble size. Under the
critical condition, the maximum attainable rate of oxygen transfer
from the bubble phase to the emulsion phase is reached, and it
becomes the rate determining step for combustion as explained
previously. To increase the carbon feed rate to a fluidized bed
combustor, either the oxygen concentration in the air (gas) stream
or the rate of mass transfer between the bubble and emulsion phase
needs to be increased. 3

It should be noted that a carbon concentration of 0.014 g/cm
corresponds to 1% by weight in the present study, indicating that
the steady-state carbon concentrations in all cases studied are
far less than 17 by weight for the type A combustor.

Type B combustor [see Figure 1l: with heat exchangers in the
bed, i.e., a # 0 in equation (5)].

The effects of bubble size and specific area of heat exchang-
ers on the steady-state carbon concentration and bed temperature
profiles are shown in Figure 8. Obviously, the carbon concentra-
tion gradient in the type B combustor is much greater than that in
the type A combustor. The result might imply that more feeders
are needed for the type B combustor than for the type A combustor,
provided that their sizes are the same. The bed temperature is
again quite uniform, and the temperature level in the type B com-
bustor appears to be largely dependent on the characteristics of
the heat exchangers instead of the excess air rate, as in the case
of the type A combustor.

The effects of bubble size and specific areas of heat
exchangers on the transient average carbon concentration and bed
temperature are presented in Figure 9. It can be seen that the
critical bubble size is about 5 cm, which is much smaller than that
for the type A combustor. This is because of the relatively small
excess air rate used and the large carbon concentration gradient

In Chemical Reactors; Fogler, H.;
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obtained. Since most of the hedt generated in the type B com-
bustor is removed through the heat exchangers, the excess air rate
can usually be kept low to save the blowing costs and the elutri-
ation loss. Therefore, the excess air rate should be controlled
so that it is neither too large nor too small.

A parametric study on the carbon feed rate was also made for
the type B combustor. The results obtained for the effect of
carbon feed rate on the steady-state carbon concentration and bed
temperature profiles are similar to those in the type A combustor
and will not be presented here. The effects of carbon feed rate
and bubble size on the steady-state average carbon concentration
are shown in Figure 10. It shows that the average carbon concen-
tration in the type B combustor is much higher than that in the
type A combustor for the given values of the carbon feed rate
function and bubble size. Apparently, both the critical bubble
size and carbon feed rate in the type B combustor are smaller than
those in the type A combustor under the same set of operating con-
ditions except the excess air rate. This indicates the perfor-
mance of a fluidized bed combustor with built-in heat exchangers
is much more sensitive to variations in the operating conditions;
greater effort is required to ensure its smooth operation.

The assumption (d) imposed in deriving the model appears to
be valid for both types of combustors since the feed rate of coal
is relatively small under normal operating conditions. The order
of magnitude analysis shows that the convective f%gx, uc, is
indeed much smaller than the dispersion flux, -D a7 under the
conditions simulated.

Conclusion

A non-isothermal dynamic model has been developed for a
shallow fulidized bed combustor, which can be used to predict, at
least qualitatively, the transient and steady-state characteris-
tics of such systems. Parametric studies have been conducted to
examine the effects of excess air flow rate, bubble size and car-
bon feed rate. It has been shown that an appreciable carbon con-
centration gradient does exist in the bed. This explains why it
is necessary to use multiple feed points in large fluidized bed
combustors. A surprising result obtained is that the temperature
in the bed is essentially uniform under all conditions studied
even though the carbon concentration is not uniform laterally.

For a combustor without heat exchangers, the bed temperature
is strongly influenced by the excess air flow rate. On the other
hand, for a combustor with heat exchangers, the bed temperature
is mainly dependent on the characteristics of the heat exchangers.

It has been illustrated that the bubble size has strong
influences on both the transient and steady-state carbon concentra-
tions. The effects of the carbon feed rate, expressed as the car-
bon feed rate function, on the steady-state carbon concentration
and bed temperature profiles are negligible under the conditions
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simulated. It has also been illustrated that a critical bubble
size and a critical carbon feed rate exist, above which a stable
steady-state operating condition can never be attained. Such
critical values for a combustor with heat exchangers (type B) have
been found to be much smaller than those for the corresponding
combustor without heat exchangers (type A).

Nomenclature

[l

mf

2~}
o
~
=
~

HJUPUJO

suziace area of the heat exchanger per unit bed volume,
cm

carbon concentration in the emulsion phase, g/cm3
oxygen concentration in the bubble phase, mol/cm3

oxygen concentration in the emulsion phase, mol/cm3

initial oxygen concentration in the feed gas, mol/cm3
heat capacity of gas, cal/g°K

heat capacity of the bed solid particles (limestone or
dolomite), cal/g°K

gas diffusivity in the solid-gas boundary, cmz/s

effective, dispersion coefficient of oxygen in the emulsion
phase, cm' /s

effective dispersion coefficient of solids, cmz/s
bubble diameter, cm

feeding rate of coal particles, g/s

heat of reaction, cal/g

gas interchange coefficient, 1/s

effective thermal conductivity, cal/cm-s-°K

oxygen mass transfer coefficient in the solid-gas boundary,
cm/s

bed height, cm

bed height at minimum fluidization, cm

molecular weight of carbon, g/mole

coal size distribution function in the bed, -

coal size distribution function in the feed stream, -
magnitude of the external heat source, cal/s-cm2
radius of the coal particles, cm

radius of equivalent bed radius per feed point, cm

coordinate in the radial direction, cm
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re radius of the feeder, cm

Sh Sherwood number, -

S(R) rate of particle shrinkage as defined in equation (6), cm/s

T bed temperature, °K

Tgo temperature of the air in the feed stream, °K

T, initial bed temperature, °K

Tso temperature of the coal particles in the feed stream, °K

t time, s

tS time interval in which the external heat source is applied
during start-up, s

Ub bubble velocity, cm/s

Ug superficial velocity of gas, cm/s

Umf incipient fluidization velocity, cm/s

u(t) step function, -

z coordinate in the axial direction, cm

Gb fraction of the bubble phase, -

Gg fraction of the gas phase in the bed, -

€nf incipient void fraction of the emulsion phase, -

I gas viscosity, g/cm s

Pe density of the coal particles, g/cm3

Pq density of the bed solid particles, g/cm3

pg density of the gas mixture in the bed, g/cm3

o(t) external heat source function, cal/s-cm2

WF(t) = carbon feed rate function, g/s-cm3
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A mathematical model is developed for
coal char combustion with sulfur retention by
limestone or dolomite in a gas fluidized bed
employing noncatalytic single pellet gas-solid
reactions. The shrinking core model is
employed to describe the kinetics of chemical
reactions taking place on a single pellet
whose changes in size as the reaction proceeds
are considered. The solids are assumed to be
in back-mix condition whereas the gas flow is
regarded to be in plug flow. The model
is strictly valid for the turbulent regime
where the gas flow is quite high and classical
bubbles do not exist. Formulation of the
model includes setting up heat and mass
balance equations petaining to a single
particle exposed to a varying reactant
concentration along the height of the bed
with accompanying changes in its size during
the course of reaction. These equations are
then solved numerically to account for
particles of all sizes in the bed to obtain
the overall carbon conversion efficiency and
resultant sulfur retention. In particular,
the influence of several fluid-bed variables
such as oxygen concentration profile, additive
particle size, reaction rate for sulfation
reaction, sulfur absorption efficiency are
examined on additive requirement.
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Many models have been used to describe fluidized-bed oper-
ation (1-7). Several additional models have been proposed during
the last three years and these will be referred to later in this
report. It is commonly assumed that the bed is composed of two
distinct phases, viz., a dense phase (emulsion) consisting of
solid particles and interstitial gas, and a bubble phase con-
sisting of rising voids with almost no solids. The most advanced
models (1, 2, 3) also consider additional phases, viz., a cloud
and wake associated with each bubble. Further variations appear
in the characterization of gas flow within each phase, and mode
of exchange among the phases, and the bubble shapes, velocities,
and growth rates. It is generally assumed that in the two-phase
theory of fluidization (8), the flow rate of bubble voids through
the fluidized bed is equal to the excess gas flow rate above that
required for minimum fluidization. Chemical reactions in the bed
are assumed to occur entirely in the emulsion phase.

In the present analysis, we shall develop a basic model for
fluidized bed operation by extending our earlier analysis (9, 10,
11) for a single pellet reaction to model the noncatalytic
gas-solid reactions taking place in a fluidized bed. The earlier
results have been derived with the assumption of constant
gaseous reactant concentration surrounding the pellet. However,
in a fluidized bed, the pellet encounters a considerable variation
in the gaseous reactant concentration due to its movement. Also,
the fluidized bed is composed of particles of different sizes,
each of which will behave differently. The solid material in the
bed is constantly being consumed due to chemical reactions and is
being depleted by entrainment and overflow. This solid material
should be replenished continuously by feeding fresh reactant
particles. In order to develop a realistic model, the particle
size distribution of the feed and the bed must be taken into
account as also the fact that the fluidized bed operates in a
continuous mode with solids addition to the bed by feed and
removal by overflow and elutriation.

The model presented here takes into account the changes in
the size of a particle as a result of chemical reactions in a
fluidized bed. A number of modeling studies related to the
noncatalytic reactions and to coal combustion in particular,
taking place in a fluidized bed have been reported (2-25). A
review of these studies indicate that the coal combustion process
is primarily diffusion controlled. The amount of gaseous reactant
diffusing through the gas film surrounding the particle, will
depend on its size. In most of the models referred to above, the
particle size is assumed to be constant throughout the reaction
insofar as the mass transfer process is concerned. The shrinkage
of particles in those cases where either no solid product is
formed or ash is flaked off from the surface is used only in
calculating the particle size distribution in the bed, carryover,
and overflow streams.

To account for particle growth or shrinkage as the reaction
progresses in the reactor, a parameter, Z, is introduced. The
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theory developed by Kunii and Levenspiel (1) is for a reacting
system in which the particles maintain a constant size (Z = 1).
It (1) deals with the derivation of relations giving the particle
size distribution in the bed, overflow, and carryover streams and
their respective weights. This theory will be extended to
include the effects of particle growth or shrinkage (Z>1 or Z<1).
For typical combustion of char containing sulfur followed by
sulfur dioxide absorption by limestone, relations will be derived
to determine the extent of sulfur retention. The reaction,
carryover, and overflow rates will be evaluated with particular
attention to their dependence on Z.

Description of Char Particle Combustion

The combustion of sulfur-rich char is accompanied by the
production of an undesirable reaction product, viz., sulfur
dioxide. However, most of the sulfur dioxide should be removed
from the combustion gases before they leave the combustor. This
may be accomplished by the introduction into the combustor of
suitable additives which can absorb sulfur dioxide. Limestone is
such an additive. The limestone reacts with sulfur dioxide in
the presence of oxygen to form calcium sulfate, which is a solid
product and can be easily removed from the reactor. In this
work, a model is proposed for the prediction of sulfur dioxide
removal from the combustion gases, based on knowledge of gas-solid
reactions taking place on a single pellet.

The kinetics of gas-solid reactions obtained from single-
particle studies are utilized to calculate the generation and
utilizaton of sulfur dioxide for many particles present in a
fluidized-bed reactor. For simplicity, char (i.e., coal with
almost all volatiles removed) will be the basic feed to the
reactor and it is assumed to contain carbon, ash, and sulfur.
Carbon and sulfur react with oxygen to form their respective
oxides. Sulfur dioxide subsequently reacts with limestone and
excess oxygen to form calcium sulfate. Char and limestone
particles undergo change in size as they react, and this will be
included in obtaining average conversions. Ultimately, this
model predicts the average concentration of sulfur dioxide in the
combustion gas stream, solid flow rates, and the particle size
distributions in the reactor and in the streams leaving the
reactor.

The following assumptions are made in the mathematical
formulation of the process:

1. The particles are completely mixed in the reactor.

2. Gases do not mix vertically, i.e., the gas flow through
the bed is in plug flow. Further, no gas concentration
gradients exist transverse to the direction of flow.

3. The gas flow is statistically uniform over the bed
cross section at a given bed height and is equal to a
certain mean value.
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4. The temperature is uniform throughout the bed.
5. The reactor is operated in the steady state mode.
6. Sulfur is uniformly distributed in the coal char
particles.
7. Combustion and consequent generation and absorption of
sulfur dioxide occur throughout the bed.
8. The reaction rates are independent of reaction product
concentrations.
9. The gas-solid reaction follows a shrinking core model.
Char and limestone (calcium carbonate) particles are fed to
the reactor continuously at rates, F; and F], respectively, and
their particle size distributions in the feé&d are given by Pj(£g)
and P} (£}), respectively. The mass of these solid components
in the bed, the overflow and the carryover rates, and their
respective size distributions are shown in Figure 1. The carry-
over and the overflow particles are not recycled. The following
reactions are considered to take place in the fluidized bed. The
subscripts by which the reactants and products are referred to
throughout in this work are given in parentheses.

k1
carbon (J) + oxygen (A) »> carbon dioxide (D) )
k
sulfur (S) + oxygen (A) - sulfur dioxide (B) (2)
k3
calcium carbonate (N) + sulfur dioxide (B) + oxygen (A) -
calcium sulfate (E) + carbon dioxide (D) (3)

When char reacts with oxygen, solid product ash is formed
and it adheres to the particle. Similarly, in the case of
limestone, the solid product calcium sulfate adheres to the
limestone particle. The change in the overall size of the
particle depends on the amount of solid formed and is related to
the amount of solid reactant consumed in the following manner:

- _volume of solid product formed %)
volume of solid reactant consumed

The average radius, r, is defined as follows:

1
PG 2

and is employed to normalize the distances from the center of the
pellet.

In the following sections, the equations for a single pellet
involving one and two independent reactions are presented.
First, we shall derive equations pertaining to a single reaction
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and then extend the derivation to the two gas-solid reactions
taking place with one gas and two solids. Gas-solid reactions
given by Eqs. 1, 2, and 3 will be used.

Single Pellet: One Reaction. The sulfation reaction which
is considered here for calcium carbonate is given by Eq. 3, and
the temperature and concentration profiles of a typical growing
limestone particle are shown in Figure 2. The rate of dis-
appearance of sulfur dioxide is assumed to be the first order and
is given by

-rg = k3(T¢) CnoCge (6)

The differential equation for the mass balance of gaseous
reactant B reacting with a pellet of radius R} under the pseudo-
steady-state assumption is

e [ g

with the following boundary conditions:

at r' =R', i.e., at g' = g¢,
dw
T = Nyz (B ~ uBS) (®

g' = &g
at r' =r/l, i.e., at &' = g{,
dup =¢3rﬁ’B.Clexp 53_(1__1 (9)
e’ ud RT, ud

g' = &4
The solution of the above Equation 7 gives

E 1 3
£12 exp —_—3—(1——) 37 &8 (1— —Q)

gy _ 1+¢3?c RT, Ué+3fc £l
wBC Ue Ngyr 882 Ul

 exp B {( _ 1_)}] (10)
RT, U

The heat balance is

d v2 dU' [ _
W[E EE‘] 0 (11)
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Figure 1. Feed and exit streams of the fluidized-bed combustor
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Figure 2. Gas-solid reaction of a growing limestone particle at height H in the
fluidized bed: concentration and temperature profiles
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with the following boundary conditions:

at r' = R', i.e., &' = !

s
du’

- o =N' (UL - 1) (12)

Nur

and at r' =1, i.e., &' = g

L R e A

1
' c
Ul is then given by the following expression:

£'= &c
4>3r33‘m—3—ex -3—(1 ——1—)}
Ud RT, RT, ue

. [N'l E_("__f +Ee (1 - éc:.)] (14)
Nur ts ts

If we assume that the gas in the reactor is ideal and the gas
pressure is constant, the following relation holds true throughout
the reactor:

(=]
0=

CT = constant (15)

Thus, we can write the expression for the rate of conversion for
the pellet in terms of its core radius as follows:

BB.Q exp -3— 1 - —) (16)
d93 ue
where
PNE
T 17
3" MNkS(To)CNOCAO an
and 65 = §_3 (18)

Since the behavior of the fluidized bed depends upon the overall
particle size, it is necessary to derive an expression for
dgg/de3. It is shown (9) that for spherical particles,

dE' g' dgl
=58 = (1 - 72') =¢_ SSc 19
deg ( )géZ o 19
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Substituting the expression for df./d63 from Eq. 16 into Eq. 19,
we get the required relation, viz.,

dg ¢ 22 E 1
£os = - S5¢” . ¥BC 23 - =
54 1-2z" ) U exp = - (1 o1 )} (20)

Single Pellet: Two Independent Reactions. The two inde-
pendent reactions considered for char combustion are given by
Eqs. 1 and 2, and their respective rates of reaction are

rp = k1CjoCac, and (21)
rp = kpCg0Cac 22)

Reactions 1 and 2 take place independently within a single
pellet which contains both of the solid reactants, J and S.

The material balance for the gaseous reactant A in the ash
layer of the pellet under the pseudo-steady-state assumption is
represented by:

dZop 2 dup _ (23)
dg2 g dg
The boundary condition at £ = g4 is
d -
& = Ngpr (wan - wAS) 24
E=¢tg

and at & = £, 1is

dwp - WAC El (-1
dé | b1e (Uc ) P {ﬁTo (1 Uc )}
£ = £,

— (WA E _1
+ eaz(pt) "{i% ( ﬁz)} @

Solution of the above equations gives the following result for
WAC:

Y G E1 (1 - 1;) N Ep ( _.__)

WAC Uc b1r exp ﬁTo Ue b2r exp RT, Ue
182 L, (1 & 26
|:N3hr £2 b ( Es 29

The heat balance equation is

d?u 2 du

[}

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch007

7. REHMAT ET AL. Combustion of Coal Char 125

with the following boundary conditions:
At & = &g

= Nyur (Us - 1) (28)

and at & = &

- ﬁ_TQ)(d_U - (“ac Eyp ( 1 ( Ep

(El de U ¢1f8_l exp ﬁTo 1 Ue + $ogB) Ey
c

E (; - L 29
exP {ﬁro (1 Uc)}] 29

U. is obtained from the following expression:

2 1 1
u.-1=2Ac | 1 &&, (1_‘5_41) 8 _l_ _(__)
¢ Ue |:NNuf 52 te €s ¢1f 1 To e RTq Ue

+ ¢2f82|:—2— exp ETL (1 - l]i—c)}:l (30)
o

The conversion of the solid pellet expressed in terms of core
radius is given by

dg M w E 1
- S5c = T YAC 21 - =
dt kl(To)CJOCAO Uc exp{ﬁTo (1 U )}

E =8

pJf c
+ 85 k) (To)CsoCh0 ZAC expd E2- (1 - 1—) (31)
PgE Uc RT, Ue
P
Let Ty = NS 32
17 M7kq(T) C30Ca0° G2)
PoF
T S 33
2 7 Mgky(To)Cs0Ca0° 3
and
81 = t/T1 (34)

Substituting Eqs. 32, 33, and 34 into 31, we get:

dg w ( T E 1
_dEc _uac B 1\, Ey (1 - _) 35
61 Uc l}w RT, Uc } Ty P {RTO Uc 33

On the basis of Eqs. 19 and 35, the rate of change of overall
particle size is given b

dg g2 E 1
485 _ 1 - z) BE YaC =1_(__)
asy = ¢ ) g2 Uc P RT, Uc

+ 3L exp é_ (1 - [1J_c) (36)
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The above equations will be employed in the mathematical modeling
of fluidized bed presented below. When two solid reactants (char
and limestone) are present, we shall use primed (limestone) and
unprimed (char) symbols to distinguish between them.

Mathematical Model for Fluidized-Bed Combustion Process

The development of mathematical models to describe the
thermochemical process occurring in a fluidized bed involves
setting up the material and energy balance equations. The total
process is represented in terms of a set of independent equations
which are solved simultaneously to obtain such quantities as
combustion efficiency, sulfur retention, oxygen utilizationm,
oxygen and sulfur dioxide concentration profiles in the bed, etc.

The relationship between various streams, flow rates and
particle sizes will be derived following the method of Kunii and
Levenspiel (1l). First, the relations are derived for char, whose
particles generally shrink as they react with oxygen. The
overall mass balance for char particles of the system is given
by:

mass of carbon and sulfur

Fi - F3 - F4 = consumed by chemical reaction (37
In order to evaluate the right side of Eq. 37, we will

calculate the mass loss for a single pellet due to reaction and
sum up such losses for all particles present in the fluidized
bed. Upon combustion, char leaves behind a layer of ash having a
different density than that of coke. Thus, the mass of a single
char particle, wy, of size &g in the bed is given by:

wy = g.nr3 o0 [ L2 (g3 - g3)+ g%] (38)

Therefore, the rate of change of mass of a single particle size
€y is,

d dg
T = 4 ™3 0 [éng £8 4+ (1 - o) £2 dE ] (39)
where
p
ay = 63 (40)

The volume, dV, of the fluidized bed of cross-sectional area
Ay and elemental height dH is AodH. Let fo be the fraction of
char particles in the bed voidage €. The volume of char particles
of size £g in the elemental volume dV is f (1 - €)AoPo(Eg)dEgdH.
The number of particles of size £g in this elemental volume is

an* = fQ = €)AgPr(E5)dEodH (41)
(4/3) 3 €3
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Therefore, the mass depletion rate of char particles of size fg in
dV due to reaction is (dwj/dt)dN*. Substituting from Eqs. 41
and 39 into this relation we get
= (1-07) dg

Tl dN* = 3f4(1-€)AoP2(E5)PQ {E Eﬂ + —ET‘L £ 528 dEsdH  (42)

Thus, the total mass of carbon and sulfur consumed by
chemical reaction, needed to evaluate the right side of Eq. 37,
can be obtained by integrating Eq. 42 for all gg, g4, and for

the entire height of the bed, H,. The overall mass balance of
Eq. 37 can, therefore, be written as

Hy Eg,max
Fp - F3 - F4 = f f 3fQ(l - C)AOPZ(ES)DQ
o &s,min
1 de 1-%) .o d&
{sSF‘“’ 3k gy e @3

The feed rate of char Fy, the overflow rate F3, and the
carryover rate F, are given in terms of their corresponding
volumetric flow rates as follows.

Fp =Vvi(Q1 - €1)DQ (44)
€s,max 3
F3 = f V3(1 - €3)P3(gg) Pq {0‘1 + (1 -01) f—%}dis (45)
S
gs,min
£s,max 3
Fy = f V4 (1 - €)P4(Eg) pQ{al + (1 - o) é%}d&s (46)
S
gs,min

The strategy of the calculations involves the manipulation
of Eqs. 45 and 46 so that F3 and F4 could be determined in terms
of the only unknown fn. Equation 43 is then employed to establish
the value of fy3. In the following we develop the mathematical
relations expressing F3 and F, in terms of various quantities and
fo.

Next we consider the mass balance at the steady state for
char particles of size between £; and &g + Afg for the entire
system at a particular instant as shown in Figure 3. The corre-
sponding relation for a system of shrinking particles is:
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F1P1(Es)AE s — F3P3(£g)AEs — F4P4(Eg)AEs

d d
+ WgP (£ g) T - WPy(s) T8
Eg + 08¢ Es
Hy (47)
faf(l-e)A Py (E o) §&+( dai|agg =
Q oPQP2(E s g ac £2 dt €s
Similarly for a system consisting of growing particles
d
F1P1(gs)ags - F3P3(gs)ags — FaPs(Es)AEs + WoP2 (g s)d—is‘
€s
Ho
- WoP2(&g) %%ﬂ + [;[ 3fQ(1-e)A°pQP2(gS)
Eg + AEg °
& d&g u]l gZ d_gc. AE (48)
Eg dt £3 8
For simplicity we define
Xp =0y + (1 - o) (e3/Ed) (49)

Dividing Eq. 47 by Afg, taking limits as Afg + 0 and substi-
tuting for F;, F3, F4, and Wq we get:

V11 - €1)PqP1(gs) - V3(1 - €3)PqX1P3(Es) — V4(1 - €4)

PQX1P4(Es) + f fo( - ©)AsPo digs (Xle(Es) %ﬁ) dH
° (50)

(o]
) oy d§ (A - %) g2 d& =
+ [) 3fQ(1 e)AopQPz(Es) {El‘ E& + —ggL— E& E-t—c} dH 0

Similarly on.dividing Eq. 48 by Afg, taking limits as AEg > 0 and
substituting for Fy, F3, F4, and WQ we get:

V1@ - €1)pqP1(Es) - V3(1 - €3)pQX1P3(gs) — V4(1l - €4)

(o]
d d
PQX1P4(Eg) - fo £q(1 - €)Agnq I (X]_Pz(gs) d_fa) aH
(51)

f 3q(L - €)AgPQPa(Eg) {—gl $is 4 (—-—l) £2 gitc} dH =0
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It may be noted that for growing particles (d&g/dt) >0 and for
shrinking particles (dgg/dt) <0. Comparing Eqs. 50 and 51, which
represent the mass balances for particles of size gg for shrinking
and growing particles respectively, it is seen that they both
differ from each other only in the sign for the fourth term. In
order to represent both of them by a single equation, we may
substitute the absolute value of dgg/dt in Eq. 51, so that

V1(1 - e1)pqP1(Eg) = V31 - €3)PX1P3(Eg) - V4(1 - &)

Ho

potaPa(es) = [ ol - edaopq go (KiPa(es) | GER|
o
H (52)
0
_ o dg A - a1),p die -
+f 3fQ(1 - €)AoPqP2(Es) {Etd_tﬁJ' —ELEC o (4 =0
(o]
Simplification of Eq. 52 gives
Ho
V1(1-€)P1(Eg) - V3(1-e3)X1P3(Eg) - V4(l-e4)X1P4(Eg) - f fq(1-e)A,
(o]
_d|at dig| dPa(Eg) _ .
[xlpz(gs) i [ | Y B || de T P29
agg | (3¢ 1)&£3z e
sl (28 - D)5oZ )| gy + 3fo(l - €)AoP
at ( a- Z)Eg ) f Q( €)AoP2 (Eg)
(o]
o dgg |, (1 - o)g2 g _

Equation 53 consists of three unknown quantities, viz., Py(g&g),
P3(Eg), and P4(gg). Fortunately, for fluidized bed operations
these quantities are inter-related and this simplifies the
calculation procedure. The relationships between these quantities
are discussed below.

The solids in the bed are assumed to be backmixed and, there-

fore,
PZ(gs) = P3(€s) (54)
The elutriation constant for char particles is:

= V4 - €4)Ps(Eg)
(%) = Fo(1 = DAgHoP2 (E0) (53)
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Therefore,

_ fq(1 - e)AgHKQ(Eg)P2(Eg)
PiEg) Vl;(g Q 2‘4_)8_.2_8_ (56)

Substituting Eqs. 54 and 56 in Eq. 53 we get on simplification
and rearrangement:

dp (E dg

dt

-£q(1-€)AgX1

dH = -V1(1 -€1)P1(&g) +~{}3(l-e3)

HO
‘ +fQ(l—€)AoHOKQ(€S)} X1P3(&g) + fo(1 - €)AoX1P3(Eg) / dlgs dgg dH
(o]
3(01-1) z Ho
—Fa(l- 3(y-Dedz ) )
fQ(l-e)a, ——L 220 -2tk dH - 3fq(l-€ )A°P3(gs)f
dg (1-a1) €2 d
CE Rt (s7)

This analysis for particles of size between £g and £g + dgg can
be easily extended to the feed with wide size distribution. The
feed with wide size distribution can be looked upon as the sum of
narrow cuts of solids and it will be reasonable to expect the
outflow stream to be the sum of outflow streams from these narrow
cuts. To achieve this we shall first examine the system using a
single size feed.

Consider a feed of size Ry(fy). The particles change size
as the reaction proceeds. Thus, for the entire system all
particles will be less than or equal to £, for shrinking par-
ticles, and equal to or greater than g, for the growing particles.
The above analysis will be performed for this feed for particles
in the size range £g and £g + Afg (not including £,). Equation
57 can be applied directly as the feed size is constant and not
included in the above size range we have,

F1P1(Eg)0Eg = 0 (58)

Therefore, from Eq. 57 we can write as follows:
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HO
(Vad-e9) oy s 4 Jags|
i) . lEql- Ay T dgg - [o ®s Jdt dgg
P*( ) Hy Hpax
3(gs dE de
f ol B f el
o (o]
3 s [T
+ 1 <—L—°—3(a —1)852) gg 4 31dls | 3C-0)EE LT
X1\ @-2)d X1£3 X1€3 de
o
HO
Lol anl et (59)
dt s
[o]

Pg(Es) is the size distribution of the particles in the bed and
overflow stream for a feed of fixed particle size g,. The
relation connecting £g, £., £, and Z is,

£3 = 723 + (1-2)g3 (60)
Therefore

Py,
dt dt (l—Z)E%

Substituting Eqs. 49, 60, and 61 into Eq. 59 we finally get,

HO
_Jdva(i-e3) a |at |
dPi(eg) _ {fQ(l-e)A *HO"Q‘Es)} fo %L |ae | ®
* - 0 dgg - " dgg
P3(€s) HO dg I-IO dg
f 5| an f s an
[o] [o]

4 3@1-Dedz L+ 3(1-032) (62)
X1 (1-2)e4 X1(1-2)Es

where Xy =aj + (1-07)(£3-2£3)/(1-2) &3 (63)

Integration with respect to £g leads to the following:
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3 fo
s Jvd-ey g } [ |4
1w B [ {fo%-e)AQ R (T o
P 13
3eo ° fo d&s| an [05& dH
dt dt
o o
o
E3
+ 1n =28 (64)
&
The above expression gives Pg(gs) if we could evaluate Pg(go)
which comes out to be
Pi(£o) = Vl(l';i) (65)
fo(1-e)Ao ./' dg aH
o
Substituting Eq. 65 into Eq. 64 we get,
P3(£ ) = v Q- E)ESI( sago) (66)
fO(l‘C)AoEo I_s_ du
where
<{ Va(l-eq) + HOKQ(ESi}
I(Es,Eo) = exp f fol-eld, dEg (67)
|
[l w
o
The above results apply to a single size feed. For a
wide distribution
£o0,max .
P3(gg)ags = | X2 P3(E5)AEsP1(E0) Ako (68)
Eo,min

where £, nay and £ pin are the largest and the smallest size
particles in the feed.

The output distribution function P3(gs) for constant input
size £, is already derived and is given by Eq. 66, dividing Eq.

68 by AL, and taking limits as Afg > 0, we get
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£ 0,max

P3(&g) = _/. P3(&g) P1(&p)dE, (69)
Eo,min

Substituting Eq. 66 into Eq. 69 we get

go,max
P3(t) = ghioa 6 [ P () L8 EQ)d o0y
o min
€3
) Je

Equation 72 defines P3(£g) in which there are two unknowns viz.,
V3 and fg. One of them can be eliminated by utilizing the normal-
ization condition for P3(£g). Integration of Eq. 70 for all
sizes of particles in the bed (Es,min to £g max) yields

€s,max So,max 3

fq(1-e)Aq _ 1(E8a)I(Eg,Eq)
WEae. [ [ HEileld g v
&s,min €o,min £3 f
o

It may be noted that &g max = &o,max for shrinking particles.
If H is nondimensionalized such that: = (H/Hy). The resulting
equations are then utilized to compute F3 from Eq. 45 as a
function of fg. Next we proceed to establish a mathematical
framework in a somewhat analogous fashion for calculating F, as a
function of fg,.

Combining Eqs. 54 and 56 and substituting for P3(&g) from

. Eq. 70 we get,

o max
P4(Eg) = xq(&s) ‘\148 24; & f (gl)I(E = d&, (72)
o min
£3 dn

J,

The normalization of the size distribution function P4 (&g)
finally yields
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€s,max &o,max

Va(1-24) _ £3kq(E5)P1 (B T(Eg,E0)
i e [ [ e
s,min min

Equations 72, 73 and 71 can be solved simultaneously to obtain
P4(Eg) and V4 as a function of fo. These relations are then
utilized in Eq. 46 to obtain F, as a function of fQ only.

The mathematical development presented so far enables
us to employ the mass balance of Eq. 43 to determine uniquely the
fraction of char present in the bed for a given set of feed and
operating conditions.

A similar set of equations can be derived for the various
streams of limestone. For the general case when the size of the
particle changes as it reacts with oxygen and sulfur dioxide, the
following equations apply. The overall mass balance is given by
the following relation which is analogous to Eq. 43 developed
above for char particles:

Es,max 1

Fl - Fy - F = 36y (1-€) AoHoP (ED)PN
€s,min  ©
1
{%ﬁ g_ia + ﬂ_'“z&_g_c}dn gL (74)
Es

where the feed rate of limestone Fi, the overflow rate F!, and
the carryover rate F,, may be expressed in terms of the corre-
sponding volumetric flow rates.

Adopting the approach developed above for the char particles
combustion, the size distribution function of limestone particles
as a result of sulfation reaction in the overflow stream which is
the same as in the bed is given by,

\ , Eé,max ,
, - , ] E' "(£L,£8)dEL
P3Es) = fN‘élfi)f\c.zlo;S3 .[ - iI Chli)% 73)
£6,min £

The normalization property of P! (& ) leeds to the following rela-

tionship between Vi and Vé’

€s,max £0,max 3.0
£x(1-¢)AgHy _ [ E47P) (EH)T'(EL,E0)dEGAES (76)
Vi(l-ei) j. 1

€s,min £o,min £d3 f g_iél dn

o]
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Here
Va(l-eq)
£'2_3-__3__ + KN(E l)z dE'
I(£§,E8) = exp - S |En(1-€)AoH, s s .
. 7
£6 det
&s
f ,dt dn
o
and
LT v,
kg(EL) = —a-en)Ps(Es) .

AoHo (1-€) £\P) (£8)

The size distribution of limestone in the elutriated stream,
PZ(gg), is obtained from Eq. 78 in which Pé(gé) is replaced with

Pé(gg) (backmix approximation) as defined by Eqs. 75 and 77.

In the present formulation the size of the fluidized bed is
kept constant by the presence of an overflow pipe, Figure 1, and
consequently A, and H, are constant. The fraction of dolomite in
the bed, fy, is related to the fraction of char in the bed such
that

fy = 1 - fq 79)

fQ has already been determined and hence it may be assumed that
fy is known.

In case the size and density of the limestone particles
remain the same as a result of chemical reaction, the above
relations are simplified.

We next develop the mass balance equations for the gaseous
reactant (oxygen) and the product (sulfur dioxide). The gas flow
in the reactor is assumed to be in plug flow and hence the
concentration of these gases will depend only on the height H, in
the bed above the distributor plate. The rate of consumption of
oxygen by reactions 1, 2 and 3 can be obtained from Eqs. 43 and
80 and the stoichiometry of these reactions. We will first
examine Eq. 43 which may be rewritten as follows after appropriate
substitutions.

€s,max &o,max 1
RHS of Eq. 43 = 2V1(1-€1)Pq(1-%1)Z jﬁ j’ %Aa
- T
1 c
gs,min go,min c

I(gsago)Pl(Eo) exp ;‘E‘l“‘ (1 - ‘_]J.");
- RTo ¢/) dnd&,dEg
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E€s,max &s,max

3V1(1'€1)°o(1-“12) j" \[

s min go,min

o~ r
£

I(ﬁs,Eo)Pl(Eo) exp ;‘EZ_ (l - f]}"):
RTo dndgodeg
|Ea
dt

The first term of Eq. 80 represents the mass loss of char
particles due to carbon combustion and the second term represents
the mass loss of char particles due to sulfur reaction with
oxygen. Using the stoichiometry of reactions 1 and 2, we can
obtain the moles of oxygen used up in these respective reactions
for any arbitrary height n as,

(80)

[Moles of oxygen €s,max &o,max 0N
used upto bed 3V (1 -El)pQ(l—Ot]_Z) [ WAC
height n due to = My 11 / -
c
reaction 1] gs,min £o,min o
E 1
1( P exp {=L- (1 - —)
€s5£0)P1(£0) exp 3RT0 e (81)
r d
dEs
f a& | 9"
o
[Moles of oxygen Es,max ":o,max n
used upto bed 3V1(1—€1)0Q(1—C!12) [ WAC
height n due to = Ms 1p [ .[ T
reaction 2] €s,min So,min ©
E 1
1(€S,EO)P1(£0) exp 3'—'2" (1 - U_)$
- RTq c/)dndgydeg (82)
dig
f ac | 9"
o
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[Moles of oxygen , , £8,max £6,max n
consumed upto bed 3V3(1 -e7)py(l-aZ') WRC
height n due to = f f f T
reaction 3] s 73 £8,min £0,min o
E 1
I'(£4,88)P1(Eo) exp 3:3- ( - U—)‘
: RTo ¢/)andegdey (83)
dg
—=8
f ac | 9n
o

Since there is only a small change in the total moles of gases in
the fluidized bed combustor as a result of chemical reactions, we
can assume that the gas flow remains unchanged. Let this flow be
Y. Also the bulk temperature of the fluidized bed remains
constant, total gas concentration remains constant throughout the
reactor and hence

wAH = Can/Cao (84)

The rate of change of oxygen concentration with height in
the fluidized bed is given by the following relation.

Es,max go,max

vCan d0aH _ _ 3V1(1-e1)pq(1-032) f “
A0 —dn My T1 _ACUC

€s,min %o,min

I(Eg,50)P1(Ep) exp;EL (1 _ 111—)$
RTo c dEgdEg

1
dg
f | dn
o
":s,max go,max
-3V) (1-€1)pq(1-092) [ [ uAc
) Mg Uc
Es,m:[n go,min
I(Eg,EQ)P E2 (1 -1
s» %o 1(&0) €Xpi= 1 -
. RTq c/) deydeg
dg
J [ o
[o]

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch007

7. REHMAT ET AL. Combustion of Coal Char

1 1
g€s,max £&o,max

siozhaea [ g
573 £s,min £0,min c
I'(£5,E0)P1(ES) exp;%— (1—§—é)$ o
- 0 dgode g
[ @] e
o

The boundary condition for Eq. 85 is
Wag =l atn=0

The solution of Eqs. 85 with 86 will yield the oxygen
concentration profile along the fluidized bed combustor.

Similarly the mass balance equation for sulfur dioxide is

€s,max &o,max

duwpy _ 33 (1-€3)pq(1-a32) WAC
YCao an T3 Mg f [ >
Es,min fo,min
I(Es>E0)P1(Ep) exp ;El._ (1 - i‘l—)z
1 o < dgodig
dg
Ly
f a | 9n
(o]
' ' £$,max £0,max
_ 3V3(1-ep)py(1-0pZ") f [ W
T3 MS , , Ué
€o,max &o,min
I'(£5,68)P1(E8) exp 253— (1 - fl]—')t
Mo \ ¢ /aggacy
1
dg &
ds
f 3 dn
o
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The boundary condition for Eq. 87 is given by
wBH=0atn=0 (88)

The solution of Eq. 87 with Eq. 88 will establish the sulfur
dioxide concentration profile along the fluidized bed combustor.

There are two more quantities that must be defined to
complete the description of the fluidized bed combustor viz., the
carbon combustion efficiency, ngcg, and sulfur absorption effi-
ciency, ngpg. These are:

€s,max fo,max 1

3V (l-e1)Pa(1-01Z
Fifencce = 1l e%i i=112) f f
€s,min £o,min
{E1 L
I P = l-=
“’ﬁ (F,S,Eo) 1(&0) exp ?RTO ( Uc)z dndEodﬁs (89)
[ 1
dg
[ [& ’ dn
o
and
_ 1 _ CagMguwpy(n=1)
"sAE = 1 F1fgnccE ©0

The sulfur adsorption efficiency, ngag, is defined as the
ratio of moles of sulfur dioxide consumed by the sulfation
reaction to the moles of sulfur dioxide produced due to char
combustion. The above equations will be utilized to analyze the
parametric sensitivity of the fluidized-bed combustion operation.

Numerical Calculations: Parametric Investigations

The mathematical model for char combustion described in the
previous two sections is applicable to a bed of constant volume,
i.e., to a fluidized bed of fixed height, H,, and having a
constant cross-sectional area, A,. The constant bed height is
maintained by an overflow pipe. For this type of combustor
operating for a given feed rate of char and limestone particles
of known size distributions, the model presented here can predict
the following:

(1) the fraction of char particles in the bed, fg;

(2) the fraction of limestone particles in the bed, fy;

(3) the size distribution of char particles in the bed or

in the overflow, P3(&g);
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(4) the size distribution of char particles in the bed or
in the overflow, Pé(gs),

(5) the overflow rate of char particles, F3;

(6) the overflow rate of limestone particles, F3,

(7) the flow rate of char particles in the carryover
stream, Fy;

(8) the particle size distribution in the carryover stream,
PQ(E S)’

(9) the flow rate of limestone particles in the carryover
stream, F4,

(10) the particle size distribution of limestone particles

in the carryover stream, P4(gs),

(11) the concentration profile of oxygen along the fluidized

bed, wap;

(12) the concentration profile of sulfur dioxide along the

fluidized bed, wgy;

(13) the carbon conversion efficiency, ngcg; and

(14) the sulfur absorption efficiency, ngag-

The above calculation is quite tedious and gets complicated
by the fact that the properties which ultimately control the
magnitude of these fourteen unknown quantities further depend on
the physical and chemical parameters of the system such as
reaction rate constants, initial size distribution of the feed,
bed temperature, elutriation constants, heat and mass transfer
coefficients, particle growth factors for char and limestone
particles, flow rates of solid and gaseous reactants. In a
complete analysis of a fluidized bed combustor with sulfur
absorption by limestone, the influence of all the above parameters
must be evaluated to enable us to optimize the system. In the
present report we have limited the scope of our calculations by
considering only the initial size of the limestone particles and
the reaction rate constant for the sulfation reaction.

Further, it is not necessary to carry out excessive calcu-
lations to investigate the parametric sensitivity of the combustor
operation. The same goal can be accomplished by assuming some of
the fourteen unknowns and determining the remaining by the
solution of the above mentioned equations. This procedure is
adopted here. We assume a form for the oxygen profile, values of
the carbon combustion and sulfur absorption efficiencies, char
feed rate, and the various constants of the system and then the
framework of mathematical model is employed to evaluate the
amount of dolomite, Fl, needed to obtain such an operation. In
general, the functional form for oxygen profile in a combustor is
as follows:

wag = a* + (1 - a*)e”b*n (91)
Here the constants a* and b* are to be specified. The constant

a* is generally related to the excess oxygen in the flue gas
whereas b* establishes the slope of the profile. A larger value
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of b* signifies that a major degree of combustion reactions take
place near the bottom of the reactor.

The fluidized-bed coal combustion calculations described
below according to the mathematical model developed here will
employ the parameter values given in Table 1. The analysis is
confined to a fixed temperature of 1225 K for the bed. Figure 4
gives the normalized particle size distribution for char and
dolomite feeds for a particular case when r = r' = 0.04 cm. The
particle size distribution for char in the feed is held constant,
whereas for dolomite it is changed such that r' varies from 0.02
to 0.08 cm. The reaction rate between sulfur dioxide and dolomite
is changed by varylng the reaction rate constant, k3(Tgy), from
380 to 960 cm%/mol*s. The changes in the dolomite size and
reaction rate constant reflect in T3 and 937 as seen from Table
1. The variation in the heat and mass transfer coefficients due
to change in particle size within the range considered here is
found to be negligible (+5%) and, therefore, is ignored in the
present calculations. In one of our test runs the sulfur
absorption efficiency is kept constant at 0.99 while the carbon
combustion efficiency is varied from 0.7 to 0.995. 1In all of the
remaining runs, the carbon combustion efficiency is held constant
at 0.995 while the sulfur absorption efficiency is varied from
0.7 to 0.99. It may be pointed out that the dolomite feed rate
is directly proportional to the rate of change of size of the
dolomite particle, Eq. 73, and consequently the dolomite require-
ment is strongly dependent upon the factors influencing the rate
of change of the dolomite particle. Let us examine the effect of
changing oxygen profile on the dolomite requirement.

If the values of ngcg and ngap are fixed, the parameter a*
of Eq. 91 has a definite value. The oxygen concentration
profiles are then changed by altering the value of the parameter
b*. By assuming b* as 2.5, 4.5 and 6.5, the computed oxygen
distribution in the bed is obtained as shown in Figure 5. The
effect of these profiles is examined for two values of k3(Ty),
480 and 960 cm%/mol: s, and two values of r' (0.04 and 0.08 cm) on
limestone requirement. The results are shown in Figures 6 and 7
for two values of ngag, viz., 0.8 and 0.99. It is seen that for
the change in oxygen profile considered here, the variation in
limestone requirements, Fl, is within 10%. The trend in the
change of the dolomite requirement with the change in the value
of b* is always the same, regardless of the value of k3(T,), r'
and Ngag. It is, therefore, appropriate to fix a value of
b* while investigating the parametric sensitivity of the proposed
mathematical model.

The concentration profile of oxygen in the bed is fixed by
establishing apriori a value for b* as 4.5 and that of a* as
obtained from the assumed values of carbon conversion and sulfur
absorption efficiencies. For a given oxygen profile the reaction
rate constant, k3(T,), and the size of the dolomite feed are
varied. The changes in both of these parameters affect the value
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Figure 4. Particle size distribution of char, P(¢,), and limestone, P/(¢,’), feeds:
I=7r=0.04cm

Figure 5. Oxygen profiles in the fluidized-bed combustor corresponding to yocg —
0.995 and NSAE = 0.99
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Table 1. Constants Used in Coal Combustion Model Calculations:

Z =0.05, 2' = 1.25, K = 1.0, K3 = 0.4, K4 = 0.2, 1] = 7.6 s,

T2 = 7.6 s, E1/RTo = 13.8, E»/RT, = 12.3, E3/RTy = 5.9,
B1 = 0.0057, By = 0.0068, B3 = 0.0086, 17 = 4.9, ¢oF = 0.21,
F1 = 52 g/s, € =0.50, €7 = 51 =€g = 84 = 0.45, u = 76.2 cm/s,
Hy = 140 cm, 0 = 2.1, 0y = 1.36, p 1.0 g/cmé, PN = 2.45 g/cm3,
pg = 0.035 g/cm3, My =12 g/ ole = 100 g/gmole,
Mg = 32 g/gmole, Y = 4.25x105 cm3/s, cAO Ty 2x10-4 mole/cm3,

Q(gs) 1.6x1075 uh/e3, k(8 = 1.6x107> uf/g 3, = 0.82, and

0.04 cm.

r' k3(To) ¢ 37 T3 NCCE NSAE

cm cm?/ s mol ) s ) )

0.04 380 1.29 8.6 0.995 0.7-0.99
0.04 480 1.63 6.8 0.995 0.7-0.99
0.04 580 1.97 5.8 0.995 0.7-0.99
0.04 960 3.26 3.4 0.995 0.7-0.99
0.02 480 0.79 3.3 0.995 0.7-0.99
0.06 480 2.36 9.9 0.995 0.7-0.99
0.08 480 3.14 13.2 0.995 0.7-0.99
0.04 480 1.63 6.8 0.7-0.995 0.99

of dg}/dt according to Eq. 20. The value of dgl/dt is directly
proportional to k3(Ty,) and also to the dolomite feed size, r'.
Furthermore, the dolomite requlrement is directly proportional
to d¢}/dt. Consequently, Fl is altered in magnitude which is
directly proportional to the changes made in k3(T,) and T'. The
changes in the limestone requirement are also related to the
residence time of the limestone in the bed. If the rate of
reaction k3(Ty) is increased, less reaction time is needed to
achieve the same degree of sulfur retention. Shorter residence
times are obtained by 1ncreas1ng the limestone feed rate for the
same bed volume. Thus, Fl will increase with an increase and
dgl/dt. Alternately, if for the same volumetric feed rate dgi/dt
is increased, an improved sulfur retention will result.

Figure 8 represents the variation in limestone requirement
as a function of sulfur absorption efficiency for various values
of k3(Ty,). The results emphasize that for a given value of
k3(T,), if the lmestone feed rate is increased which for a bed of
fixed size implies a reduction in residence time, the sulfur
absorption efficiency is correspondingly decreased. The impli-
cation of this result for an actual operating plant is important.
It is implicit in these plots that if the limestone feed rate is
held constant, ngpp, increases with an increase in k3(Tg).
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Figure 9 illustrates the effect of changing limestone
average size, T', in the feed stream on the dependence of
limestone feed rate, Fi, and on sulfur absorption efficiency,
NgAE. All the plots refer to a constant value of k3(Ty)-

These results suggest that if the feed size of limestone is kept
fixed, an increase in the limestone feed rate will result in the
reduction of sulfur absorption efficiency. These results also
emphasize that if the same sulfur retention is to be obtained
when the size of the limestone particles is decreased the feed
rate must be increased. However, for the same feed rate of
limestone, a decrease in the size of limestone particles results
in an increased sulfur retention. This may be explained on

the basis of an increase in the overall surface area per unit
volume of the bed when the average diameter of the particles
decreases. It may be noted from Figure 9 that regardless of the
limestone particle size, if sufficient residence time is allowed
for limestone particles in the bed, it is possible to obtain
sufficiently high sulfur retention.

The influence of carbon conversion efficiency on the require-
ment of limestone for a fixed value of sulfur absorption effi-
ciency is also computed. The generation of sulfur dioxide is
found to be directly related to the amount of carbon combusted.
The generation rate of sulfur dioxide reduces with the decrease
in carbon conversion efficiency and hence the limestone require-
ment also decreases. A reduction in the carbon conversion
efficiency from 99.5 to 70.0% causes a reduction in dolomite
requirement from 27.5 to 18.9 g/s for a 99% sulfur absorption
efficiency.

In Figure 10 the dependence of oxygen profile, way, and
sulfur dioxide profile, wWpy, on the dimensionless bed height,

n, for the case of 99.5%7 sulfur absorption efficiency is presented.
The particle size distributions in the bed and in the elutriated
stream for char and limestone are also computed but for the sake
of brevity, these are not presented here. A more detailed
discussion of these results are available elsewhere (26).
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Nomenclature
A, = cross sectional area of reactor, m?
a* = constant in oxygen concentration profile, eq. 91,

dimensionless
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constant in oxygen concentration profile, eq. 91,
dimensionless

total concentration of gases, mol/m3
concentrations of the gas components A and B,
mol/m

initial concentration of gas component A, mol/m3
concentration of A at the core and surface of char
particles, mol/m3

concentrations of A and B in the off-gas, mol/m3
concentrations of A and B in the bulk gas at
height H in the fluidized bed, mol/m3
concentration of B at the core and surface of
limestone particle, mol/m

initial concentration of solid reactant J and S
in the char particle, and N in the limestone
particle

molecular diffusiviy of the components A and B
in the bulk gas phase, m?/s

effective diffusivity of the component A in the
ash layer, and of the component B in the layer of
solid product E, m?/s

activation energy of reactions given by Eqs. 1,
2, and 3, J/mol

feed rate of char and limestone, kg/s

overflow rate of char and limestone from the
fluidized bed, kg/s

carryover rate of char and limestone from the
fluidized bed, kg/s

fraction and weight fraction of carbon in char
particles in the fluidized bed, dimensionless
volume fraction of char and limestone particles in
the fluidized bed, dimensionless

overall convective and radiative heat transfer
coefficient for char and limestone particles
W/mZK

distance along the bed, m

height of the fluidized bed, m

heat of reaction per mole of reactant for reaction
1, 2, and 3, J/mol

thermal conductivity of the bulk gas, W/mK
effective thermal conductivity of ash layer and
solid product, W/mK

mass transfer coefficient for the components A
and B across the gas film, m/s

reaction rate constants for Eqs. 1, 2, and 3,
m%/mol-s

molecular weight of the solid reactants, J,

N, and S

number of particles of size £g in the

fluidized bed
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Nusselt Number for char and limestone par-
ticles, 2Rh/k, 2R'h'/k, dimensionless
NNu(F/2R) (k/ke) , Nﬁ (E/2R") (k/kg"),
dimensionless v

Sherwood number for char and limestone par-
ticles, 2Rkpa/Dp, 2R'kpp/Dp, dimensionless
NSh(f/ZR) (DA/DeA) ’ Néh(f/ZR' ) (De/DeB) ’
dimensionless

size frequency distribution of char and lime-
stone feed, 1/m

size frequency distribution of char and lime-
stone in the fluidized-bed, 1/m

size frequency distribution of char and lime-
stone in the overflow, 1/m

value of P3({£g) corresponding to particle of
size £, in the feed, 1/m

size frequency distribution of char and lime-
stone in the carryover, 1/m

char,——

radial position in the limestone particle, m
radial position in the limestone particle, m
average radius general, limestone defined by
Eq. 5, m

radius of the ith size fraction of feed, m
rate of formation of gas product B, mol/m2-s
mol of solid reactant

radius of the unreated core of the char and
limestone particles, m

rate of formation of gas product D, mol/m2‘s
mol of solid reactant

instantaneous radius of char and limestone
particles, m

radius of the largest (smallest) char particle
in the feed, m

radius of the largest (smallest) char particle
after complete reaction, m

radius of the largest (smallest) limestone par-
ticle in the feed, m

radius of the largest (smallest) limestone par-
ticle after complete reaction, m

gas constant, J/mol K

initial radius of the char and limestone par-
ticles in the feed, m

time, s

temperature of the char particle at radius r,
limestone particle at r', K

temperature of the fluidized bed, X
temperature of the unreacted core surface of
char and limestone, K

temperature of the outer surface of the char
and limestone particles, K

In Chemical Reactors; Fogler, H.;

ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch007

V1,V3,V4
Vi,V
vy

W, Wy
XAsXB

XAC>XA0>*AS

XAH

XBC»XBS»XBH

z,2'

Greek Letters
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€ssE8
€0,max(€o,min)
€s,max(Es,min)
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reduced temperature of the char and limestone
particles, T/T,, dimensionless

reduced core temperature of the char and lime-
stone particles, T./T,, dimensionless

reduced surface temperature of the char and lime-
stone particles, Tg/T,, T&/Ty, dimensionless
superficial velocity, m/s

volume of the fluidized bed, m3

volumetric feed, overflow and carryover rates
of char, m3/s

volumetric feed, overflow and carryover rates
of limestone, mé/s

weight fraction of particles in the feed of
radius, rj, dimensionless

weight of char and limestone particles in the
fluidized-bed, kg

mole fraction of components A and B, dimen-
sionless

value of xp at the unreacted core surface,
bottom of the bed and outer surface of the char
particle, dimensionless

value of xp at a height H in the fluidized bed,
dimensionless

value of xp at the unreacted core surface, outer
surface of limestone particle and at height H
in the bed, dimensionless

average rate of gas flow through the reactor
bed, m3/s

parameter defining particle growth or shrinkage
of char and limestone defined by Eq. 4, dimen-
sionless

average void fraction of the bed, char feed,
overflow and carryover, dimensionless

average void fraction of limestone feed,
dimensionless

any reduced distance for char and limestone
particles, ry,/f and rl/r, dimensionless

reduced unreacted core radius of char and lime-
stone particles, r/F and r'/¥, dimensionless
reduced radius of the char and limestone par-
ticles, R/? and R'/¥, dimensionless

reduced radius of the largest (smallest) par-—
ticle in the char feed, dimensionless

reduced radius of the largest (smallest) char
particle after complete reaction, dimensionless
reduced radius of the largest (smallest) lime-
stone particle in the feed, dimensionless
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a parameter to characterize the rates of intra-
particle diffusion resistance to the reaction
residence for reaction 1 = Fkj(T5)C30/Dea(To)s
dimensionless

a parameter to characterize the rates of intra-
particle diffusion resistance to the reaction
residence for reaction 2 = ¥k)(T)Cs0/Dea(To) s
dimensionless

a parameter to characterize the rates of intra-
particle diffusion resistance to the reaction
residence for reaction 3 = Pk3(Ty)Cno/Dea(To)s
dimensionless

reduced values of Xp, XAS, XAH» XA/XA0s XAc/
XpA0> XAH/XAQ, dimensionless

reduced value of xpg and Xp, XAS/XA0> XBC/XAO>
dimensionless

reduced value of xpc, XpH» and XBg, XBC/XA0»
XgH/XA0> XBS/XA0», dimensionless

elutriation constant for char particles of
size £g, 1/s

elutriation constant for limestone particles
of size g4, 1/s

reduced bed height, H/H,, dimensionless
carbon conversion efficiency defined by

Eq. 89, dimensionless

sulfur absorption efficiency defined by

Eq. 90, dimensionless

1. Kunii, D.; Levenspiel, 0. "Fluidization Engineering”; John

Wiley: New York, 1969.
2. Chen, T. P. ; Saxena, S. C. AIChE Sym. Series 1968, No. 176,
74, 149-161.
3. Chen, T. P.; Saxena, S. C. Fuel, 1977, 56, 401-413.

_ _ In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch007

154

10.

11.

12.

13.

14.

15.

16.

17.

CHEMICAL REACTORS

Saxena, S. C.; Chen, T. P.; Jonke, A. A. "A Slug Flow Model
for Coal Combustion with Sulfur Emission Control by Limestone
or Dolomite”; Presented at the 70th Annual AIChE Meeting,
New York City, 1977, Paper No. 104d.

Rengarajan, P.; Krishnan, R; Wen, C. Y. "Simulation of
Fluidized Bed Coal Combustors”; Report No. NASA CR-159529,
February 1979, 199 pp.

Becker, H. A.; Beer, J. M.; Gibbs, B. M. "A Model for
Fluidized-Bed Combustion of Coal”; Inst. of Fuel Symposium
Series No. 1, Proc. Fluidized Combustion Conference 1, Paper
No. AI, 1975, Al-1-Al-10. -
Horio, M; Mori, S.; Muchi, I. "A Model Study for the Develop-
ment of Low NOy Fluidized-Bed Coal Combustors”; Proc. 5th
Intern. Conf. on Fluidized-Bed Combustion, Vol. II, 1977,
605-624.

Davidson, J. F.; Harrison, D. "Fluidized Particles";
Cambridge University Press: New York, 1963.

Rehmat, A.; Saxena, S. C. "Single Nonisothermal Noncatalytic
Gas-Solid Reaction. Effect of Changing Particle Size";

Ind. Eng. Chem. Process Des. Dev. 1975, 16, 343-350.

Rehmat, A.; Saxena, S. C. "Multiple Nonisothermal Noncata-
lytic Gas-Solid Reaction. Effect of Changing Particle
Size"; Ind. Eng. Chem. Process Des. Dev. 1977, 16, 502-510.
Rehmat, A.; Saxena, S. C.; Land, R. H.; Jonke, A. A. "Non-
catalytic Gas-Solid Reaction with Changing Particle Size:
Unsteady State Heat Transfer"”; Canadian J. Chem. Eng. 1978,
56, 316-322.

Yagi, S.; Kunii, D. "Studies on Combuston of Carbon
Particles in Flames and Fulidized Beds"; 5th Symposium
(Int'l) on Combustion, 1955, 231-244.

Burovoi, I. A.; Eliashberg, V. M.; D'yachko, A. G.; Bryukvin,
V. A. "Mathematical Models for Thermochemical Processes
Occurring in Fluidized Beds"; Int. Chem. Eng. 1962, 2,
262-258. -
Strel'tsov, V. V. "Approximate Relationships for Calculating
the Kinetics of Reactions of a Solid Phase in a Fluidized
Bed”; Int. Chem. Eng. 1969, 9, 511-513.

Bethell, F. B.; Gill, D. W.; Morgan, B. B. "Mathematical
Modelling of the Limestone-Sulfur Dioxide Reaction in a
Fluidized-Bed Combustor"; Fuel 1973, 52, 121-127.

Koppel, L. "A Model for Predicting the Extent of Reaction of
Limestone and Sulfur Dioxide During Fluidized-Bed Combustion
of Coal"”; Appendix C, pp. 60-77, in Jonke, A. A. "Reduction
of Atmospheric Pollution by the Application of Fluidized Bed
Combustion"; Argonne National Laboratory Annual Report,
ANL/ES-CEN-1002, July 1969-June 1970.

Avedesian, M. M.; Davidson, J. F. "Combustion of Carbon
Particles in a Fluidized Bed"; Trans. Inst. Chem. Engrs.
1973, 51, 121-131.

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch007

7.

18.

19.

20.

21.

22.

23.

24.

25.

26.

REHMAT ET AL. Combustion of Coal Char 155

Evans, J. W.; Song, S. "Application of a Porous Pellet Model
to Fixed, Moving, and Fluidized Bed Gas-Solid Reactors”; Ind.
Eng. Chem. Process Des. Dev. 1974, 13, 146-152.

Campbell, E. K.; Davidson, J. F. "The Combustion of Coal in
Fluidized Beds"; Inst. of Fuel Sym. Series No. 1, Proc.
Fluidized Combustion Conference 1, Paper No. A2, 1975, A2-1-
A2-9.

Gibbs, B. M.; "A Mechanistic Model for Predicting the Perfor-
mance of a Fluidized Bed Coal Combustor”; Inst. of Fuel Sym.
Series No. 1, Proc. Fluidized Combustion Conference 1, Paper
No. A5, 1975, A5°1-A5-10. -

Beer, J. M.; "The Fluidized Combustion of Coal"; XVIth Sym.
(Int'l) on Combustion, 1976, 439-460.

Hovmand, S.; Davidson, J. F. Chapter 5 in "Fluidization";
Editors J. F. Davidson and D. Harrison; Academic Press:
London, 1971.

Horio, M.; Wen, C. Y. "Simulation of Fluidized Bed Com-
bustors: Part I. Combustion Efficiency and Temperature
Profile”; AIChE Symp. Series 1978, No. 176, Vol. 74, 101-111.
Mori, S.; Wen, C. Y. "Estimation of Bubble Diameter in
Gaseous Fluidized Beds"; AIChE J 1975, 21, 109-115.

Gibbs, B. M.; Pereira, F. J.; Beer, J. M. "Coal Combustion
and NO Formation in an Experimental Fluidized Bed"; Institute
of Fuel Symp. Series No. 1, Proc. Fluidized Combustion Con-
ference 1, Paper No. D6, 1975, D6°1-D6-13.

Rehmat, A.; Saxena, S. C.; Land, R. H. "Application of Non-
catalytic Gas-Solid Reactoins for a Single Pellet of Changing
Size to the Modeling of Fluidized-Bed Combustion of Coal Char
Containing Sulfur"; Argonne National Laboratory Report, ANL/
CEN/FE-80-13, September 1980, 86 pp.

RECEIVED July 15, 1981.

In Chemical Reactors; Fogler, H.;
ACS Symposium Series; American Chemical Society: Washington, DC, 1981.



Publication Date: September 21, 1981 | doi: 10.1021/bk-1981-0168.ch008

Computer Modeling of Fluidized Bed Coal
Gasification Reactors
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La Jolla, CA 92038

The application of large scale computer simulations
in  modeling fluidized bed coal gasifiers is
discussed. In particular, we examine a model
wherein multidimensional predictions of the internal
gas dynamics, solid particle motion and chemical
rate processes are possible.

A computer model has been developed to provide numerical
simulations of fluidized bed coal gasification reactors and to
yield detailed descriptions, in space and time, of the coupled
chemistry, particle dynamics and gas flows within the reactor
vessels. Time histories and spatial distributions of the
important process variables are explicitly described by the
model. With this simulation one is able to predict the
formation and rise of gas bubbles, the transient and
quasi-steady temperature and gas composition, and the conversion
of carbon throughout the reactor.

The effects of gas and coal/char feeds and reactor
geometries upon these internal processes and, hence, upon the
performance of the reactor, can be simulated with this numerical
model. The mode incorporates representations of
particle-particle and particle-gas interactions which account
for finite rate heterogeneous and homogeneous chemistry as well
as the hydrodynamical processes associated with particle
collisions and drag between the particles and the gas flow. The
important influences of multicomponent gas phase properties as
well as solid particle properties, such as shape and size, are
included in the representations.
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Nature of The Finite Difference Model

It is useful and appropriate to compare some of the specific
capabilities of the present model with other representations of
reactors. We note that existing models of fluidized beds are
typified by the two-phase models of fluidization (e.g., 1-4)
which are of great utility, but which do not predict the gas
dynamics and solid particle transport in the reactor. Rather,
these models require input prescriptions for such transport and
provide, in general, one-dimensional axial representations of
temperature, carbon consumption and gas composition. The
present fluidized bed computer model provides a transient
muiti-dimensional field description of these process variables
and also provides predictions of the gas dynamics and solid
particle motion. Within this context, we note that there have
been analogous multi-dimensional field descriptions and
numerical models for the study of related processes, such as
those associated with nuclear reactor safety (e.g., 5, 6, 7) and
entrained flow combustion and gasification (e.g., 8, 9, 10).
However, physical and chemical mechanisms in such models are
rather different from fluidized bed coal gasification reactors
and consequently the capabilities of the respective numerical
representations are also different. For example, the
particle-particle and particle-gas forces dominate the fluidized
bed flows. The numerical representations of these physical
phenomena, together with the particle-gas mass and energy
exchange produced by the heterogeneous combustion and
gasification reactions, require the Eulerian-Lagrangian and
finite difference implicit capabilities which have been
specifically developed for and incorporated into the present
fluidized bed coal gasifier computer model.

The computer model is based upon a continuum description of
fluidization in coal gasification reactors. In general,
fluidized flows are dominated by specific physicochemical
processes and, hence, require particular theoretical
representations. For example, in  the heavily Tloaded
gas-particle regime appropriate to fluidization, the solid
particles dominate the transport of momentum and energy. This
aspect of fluidization is reflected in the mathematical
descriptions which have been used in the fluidized bed model.

These mathematical representations are complex and it is
necessary to use numerical techniques for the solution of the
initial-boundary value problems associated with the descriptions
of fluidized bed gasification. The numerical model is based on
finite difference techniques. A detailed description of this
model is presented in (11-14). With this model there is a
degree of flexibility 1in the representation of geometric
surfaces and hence the code can be used to model rather
arbitrary reactor geometries appropriate to the systems of
interest. [The model includes both two-dimensional planar and
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axisymmetric geometries.] That is, the use of finite difference
computational zones permits the numerical "construction" of a
wide variety of reactor geometries because the walls, orifices,
etc., are resolved incrementally into computational zones.
Consequently, the code is not restricted to a specific reactor;
rather, it is designed to model classes of reactor flows through
the specific nature of the gas dynamic, solid particle and
thermochemistry representations which are incorporated into the
numerical analogs of the differential equations. This
specificity of the conservation equations is based upon the
theoretical considerations for fluidized bed flows and upon the
incorporation of physicochemical data into the models to define
constitutive equations and interaction functions in the
theoretical representations.

Within the context of these code applications, simulations
of both Tocal flow regimes and flows on the scale of the entire
reactor are possible. It is to be noted that these computer
codes are designed to provide a resolution of the gas dynamics,
solid particle motion and the major coupling of the chemistry
and the flow field on time scales which measure the gas
residence time in the reactor, but are not, at the present,
envisioned to provide a detailed inventory of process variables
and gas composition within the gasifier on time scales of hours.

To illustrate this point, one may consider the detailed mass
and energy balance calculations that are an integral part of
fluidization gasification modeling. For example, Weil and his
co-workers, at the Institute of Gas Technology (15), are
interpreting PDU and pilot plant data related to high pressure
fluidized bed steam-oxygen, steam-air and hydrogasification. An
important parameter, in their semi-empirical interpretation of
the mass and energy balance in these fluidized beds, is the
bubble size. The present fluidized beds model can be used to
predict the bubble size 1in the high pressure and high
temperature regime of the experiments and such bubble size
predictions can be used in and thereby complement the detailed
kinetics studies of Weil.

In this paper we will discuss some numerical calculations
related to the IGT bench scale data and also examine some
numerical calculations of the Westinghouse Agglomerating
Combustor/Gasifier. The emphasis in both of these studies is
upon the hydrodynamic mixing processes and the coupling of that
hydrodynamic mixing to the chemical reactions. For example,
flow visualization experiments performed at Westinghouse are
used to verify some of the model predictions.

It is to such applications that the numerical model studies
are directed. That is, the predictions of the model are
compared with bench scale and pilot plant data and with flow
visualization experiments. Such comparisons serve to validate
the model and to provide guidance for the experimental trials.
It is 1ikely that modifications of the physicochemical aspects
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of the model will be required to predict specific reactor
environments. When the model has been verified and, if
necessary, modified through such comparative studies, then it
can be used to predict reactor performance and, in particular,
examine questions such as reactor scaleup.

Fluidized Bed Gasifier Theory and Numerical Model

We now discuss the theory and some of the numerical aspects
of the model. Again, this model is based upon the theoretical
formulation presented in (12, 13, 14). The theoretical
formulation, including differential equations and appropriate
initial and boundary conditions, defines a complicated initial
value problem which, in general, must be solved with numerical
methods. A finite difference computer model has been developed
to provide such a solution. The mathematical character of the
system of equations is of the mixed hyperbolic-parabolic type;
consequently, we have used a numerical technique based upon an
iterative, implicit, finite difference scheme. While there is
an extensive literature related to such techniques and further
documentation exists in text books (e.g., 16), the development
of an iterative, implicit method for this coupled solids-gas
system of equations is unique to the present investigation.

Differential Equations for Fluidized Bed Gasifier Model. In
a hydrodynamical sense, the processes in fluidized bed gasifiers
involve the interaction of a system of particles with flowing
gas. The motion of these particles and gas is, at least in
principle, completely described by the Navier-Stokes equations
for the gas and by the Newtonian equations of motion for the
particles. Solution of these equations together with
appropriate boundary and initial conditions would determine the
mechanics of the fluidized bed gasifier. However, such
fluidized bed gasifiers contain a large number of closely spaced
particles; consequently, such systems are far too complex to
permit direct solution. For practical purposes, it is therefore
necessary to simplify the governing equations so that the
gas-particle system is described by a smaller number of
differential equations.

Such a simplification is possible through the introduction
of a continuum mathematical description of the gas-solid flow
processes where this continuum description is based upon spatial
averaging techniques. With this methodology, point variables,
describing thermohydrodynamic processes on the scale of the
particle size, are replaced by averaged variables which describe
these processes on a scale large compared to the particle size
but small compared to the size of the reactor. There is an
extensive literature of such derivations of continuum equations
for multiphase systems (17, 18, 19). In the present study, we
have developed (12, I3, T4) "a system of equations for
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compressible gas flow in a fluidized bed, based upon the method
of Anderson and Jackson (18) and we have used laboratory data to
define interaction functions and constitutive equations.

These equations have further been coupled to the kinetics
and transport relationships associated with the heterogeneous
and homogeneous reactions of coal gasification. This coupled
system of equations provides the theoretical basis of our
computer model of coal gasification reactors.

The derivation of these equations (cf., 14) involves the
important assumptions that the gas phase 1nert1a is negligible
compared with that of the solid, the temperatures of the solid
and gas phases have the same 1oca1 values and the kinetic energy
of the system is small compared with the thermal energy.

Closure of such differential equations requires the
definitions of both constitutive relations for hydrodynamical
functions and also kinetic relations for the chemistry. These
functions are specified by recourse both to theoretical
considerations and to rheological measurements of fluidization.
We introduce the ideal gas approximation to specify the gas
phase pressure and a caloric equation-of-state to relate the gas
phase internal energy to both the temperature and the gas phase
composition. It is assumed that the gas and solid phases are in
local thermodynamic equilibrium so that they have the same local
temperature.

A solid phase internal energy is related, again through a
caloric equation-of-state, to the temperature. The solid phase
pressure is defined as a function of the solid volume fraction
where the functional relationship (cf., 14) is based upon the
flu;d1zed bed stability measurements of Rietma and his coworkers

20

The gas phase viscosity is defined by the temperature and
the gas composition through a semi-empirical function. For the
solid phase shear viscosity, we (cf., 14) use semi-empirical
relations based upon the viscometric measurements of Schugerl
(21). The solid phase bulk viscosity 1is, at present,
inaccessible to measurement; consequently, we define it to be a
multiple of the shear viscosity.

One of the most important functions in the description of
fluidization is the drag function which measures the ratio of
pressure gradient to gas volume flux. The definition of this
drag function is discussed in (14) through recourse to the
correlation of Richardson (22).

A thermal conductivity of the gas-solid particle mixture is
determined (cf., 14) by the correlation of Gelperin and Einstein
(23). We use a Taw of mixtures to define a radiation diffusion
coefficient and, for the present, we consider only the limits of
(1) opaque-gas and opaque particles and (2) transparent gas and
opaque particles.
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Chemistry of Combustion and Gasification. The present model
is designed to examine the combustion and gasification regions
associated with steam-oxygen gasification in the fluidized bed.
Consequently, we consider that the solid phase is composed of
char particles. That is, any devolatilization 1is assumed to
occur upon feeding of the coal into the bed and this
devolatilization is instantaneous, relative to the hydrodynamic
time scales of interest in the present model. The overall mass
balance, associated with the evolution of coal to char through
devolatilization, can be easily accounted for by a
stoichiometric analysis similar to that suggested in (11), viz.,
the coal feed is simulated by a feed of char and gas with the
gas composition representing the volatile yield.

For the present, the following reactions are assumed to
occur between the carbon in the char and the gaseous reactants:

vC(s) + 0,(g) » (2-v) CO,(g) + 2(v-1) CO(g) (R1)
C(s) + Hy0(g) > CO(g) + Hy(g) (R2)
C(s) + €0,(g) > 2C0(g) (R3)
C(s) + 2H,(g) > CHy(g) . (R4)

The first of these reactions is the combustion reaction,
where y is a parameter determining the distribution of carbon
dioxide and carbon monoxide in the overall combustion process
(24). To some extent, it reflects an uncertainty in defining
the respective roles of heterogeneous and homogeneous oxidation
processes. Naturally, we expect that the heterogeneous reaction
involves the production of carbon monoxide at the temperatures
of interest (25, 26, 27). However, the extent of mixing and
oxidation of this carbon monoxide in the gas phase can certainly
occur anywhere from the particle surface (y=1) to the ambient
gas flow (y=2). We do not include any additional homogeneous
reaction of carbon monoxide and oxygen in the gas phase, so this
latter 1imit corresponds to no oxidation of the CO. ‘The above
statement 1is, thereby, a parametric expression which measures
the extent of carbon monoxide oxidation in the gas phase at the
particle surface.

The remaining three heterogeneous reactions involve
%asifigation of carbon by steam, carbon dioxide and hydrogen

28-35).
" The homogeneous reaction is that of water gas shift:

€O + Hy0 2 CO, * H, . (R5)
Again, the homogeneous reaction of carbon monoxide and

oxygen is implicitly included in the parameter, vy, of Equation
(Rl). Further, we neglect the gas phase oxidation of hydrogen
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and methane; briefly, with the possible exception of the
Westinghouse gasifier, we do not expect significant quantities
of these species to be present in that region of the reactor
where there is significant oxygen (35).

The water gas shift reaction is considered to be in
equilibrium. However, the heterogeneous reactions are
influenced by both chemical kinetics and diffusive transport of
reactants. Further, in the case of the carbon-steam reaction,
the inhibition by both carbon monoxide and hydrogen is also
included.

The nature of carbon mass loss is, in general, a complicated
function of intra- and extra-particle reactant transport and
chemical kinetics (26). While the numerical structure
incorporated into the fluidized bed gasifier computer model can
include a broad range of particle mass loss configurations. We,
for the calculations herein, used an equivalent unreacted
shrinking core particle configuration for both combustion and
gassification reactions. Thus, the heterogeneous reaction rate,
where R is the rate of carbn mass loss per unit surface area
due to reaction i, is

R. = f5

L S
—_—t — t —
Ki ko ko

where ki, kg and kop represent the velocity coefficients
associated with kinetics, extra-particle diffusion and
intra-particle ash layer diffusion (36), and fj is a function
of the partial pressures of the reactants in the gas phase.

With the equation for R; we obtain the source terms
representing heterogeneous chemistry equations for the solid and
?as)phase species. Those source terms are discussed briefly in

13).

Numerical Formulation. Let us now consider the general
character of the numerical solution of the equations. The model
involves a combined Eulerian-Lagrangian formulation which
permits calculation of Tlarge displacements while at the same
time maintaining sharp interfaces. As shown in Figure 1, the
x-y plane is divided into a number of rectangular zones of size
ax by ay. This Eulerian grid is fixed in space. Upon this
grid, a Tlarge collection of Lagrangian marker particles is
superimposed. These marker particles, each of which actually
describes the average behavior of a large number of physical
particles, move through the Eulerian grid with the local
instantaneous solid velocity as the calculation proceeds. Each
such particle has assigned to it an amount of mass, horizontal
momentum, vertical momentum, and energy, all of which change
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Figure 1. Eulerian/Langrangian formulation of solid—gas motion
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with time. Thus, the motion of these particles automatically
takes into account all solid advection effects.

For a particular time step, the pos1t1ons of the solid
particles are first changed by an amount (U + at), and the
field variables assigned to the Eulerian grid are altered to
reflect the new particle distribution. Then, the additional
terms in the field equations for mass, momentum and energy
conservation (viscous  stresses, pressure  forces, heat
conduction, etc.) are taken into account using the Eulerian
grid. Finally, the field variable quantities assigned to the
representative particles are changed to reflect the effect of
these latter terms. This general procedure (or "time cycle")
may be repeated as many times as desired, with each such
repetition advancing the solution further in time. The use of a
superposed Lagrangian representative particles to treat
advective effects avoids the computational "smearing" of field
variables which often occurs in purely Eulerian computations.

Applications of Fluidized Bed Computer Model

A major factor in fluidized bed behavior is the interaction
between the gas flow from individual orifices and the particle
and gas mixture within the bed. The jet penetration and the
subsequent bubble formation have an important influence upon
solids and gas mixing and, ultimately, upon the usefulness of
the bed for reactor purposes. While flow visualization data are
available at ambient pressures and temperatures, the natures of
jet penetration and bubble development at high pressures and
temperatures are not easily measured. Typical data on bubble
size and bubble velocity at ambient conditions are shown,
represented by the small size symbols, in Figure 2. It is well
known that bubble volume can be correlated as a function of gas
volumetric flow rate (37) and that bubble velocity is related to
the size of the bubble radius (38). Such semi-empirical
correlations are indicated as solid lines in that figure.

A quantitative comparison between the numerical model and
experimental data can be made using those measurements of bubble
volume and bubble rise velocity. The calculated values of
bubble volume and bubble rise velocity for both ambient and high
pressure conditions and also for some complex geometries such as
the Westinghouse Cold Flow 30 cm diameter semi-circular model,
are shown as large symbols in Figure 2. The specific geometries
and flow conditions for the calculations are listed in Table I.

We find that the numerical fluidized bed model predicts
bubble size and velocity, at ambient pressure and temperature,
which agrees with the data. Further in that figure we show the
results of three calculations at high pressure (40 atm) and room
temperature (293°K) which, when correlated in the same fashion,
yield predictions of bubb]e size and velocity which also agree
with the ambient pressure data. This agreement between high
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pressure calculations and low pressure data can be explained:
first, the influences of pressure and temperature upon the
relationship between bubble size and gas flow are implicitly
normalized when one correlates the bubble volume with the gas
volumetric flow rate through the orifice. Second, in the
comparison between high pressure predictions of bubble velocity
and the low pressure data there is good agreement because bubble
velocity is relatively insensitive to gas density.

The use of the numerical model at high pressures and the
comparison of the high pressure calculations with the data
suggests scaling relationships between bubble size and velocity,
which should be useful in applying such a Tow pressure data to
the reactor environment. Finally, the agreement between bubble
size predictions for the complex geometry of the Westinghouse
Cold Flow 30 cm Diameter Semi-Circular Model and the data
suggests the application of the data to a wide range of
conditions. Of course, there are limitations such as suggested
in (37), but the broad agreement between calculation and data
tends to verify the model.

Simulation of Institute of Gas Technology Six-Inch Diameter
Bench  Scale Reactor. This model has also been used 1in

preliminary calculations of the Institute of Gas Technology
(IGT) six-inch diameter bench scale experiments (39) on
steam-oxygen gasification of char. In this reactor the steam,
oxygen and nitrogen are injected at the base of the column
through a six-cone feed gas distributor and, in the case of
nitrogen, also around the distributor to maintain the state of
fluidization.

In the numerical calculation of that experiment we use the
axisymmetric version of the fluidized bed computer model to
reproduce the cylindrical geometry of the reactor. The gas feed
is simulated by a fully mixed stream of oxygen, steam and
nitrogen which is injected at the base of the reactor within a
radius of two-inches, corresponding to the radius through the
centers of the injection cones in the actual six-cone feed gas
distributor.

A time sequence of bubbling from such a calculation of the
IGT six-inch EGO-33 run is shown in Figure 3. The sequence is
that of a stationary or quasi-steady pattern of bubble evolution
subsequent to the start-up transient. In each individual
"frame" of the time sequence a reactor section, bounded by the
centerline axis on the left and the reactor radius on the right,
is shown. The representative particles are indicated by the
black dots while the bubbles and the voids are white. The time
corresponding to discrete frames is indicated on the base of the
figure and the rise of the bubbles, together with the solids
mixing, can be discerned in that sequence of frames. This
calculation suggests that a relatively small number of large
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Figure 3. Time sequence of bubble evolution during steam oxygen gasification in
IGT 6-in. diameter bench scale reactor
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bubbles, in a sequential train, rise through the bed and produce
solids and gas mixing. The bubbles are large because of bubble
coalescence at the base of the reactor.

We find that while the gas composition in the bubble is
quite different from that in the mix of gas and solid particles
surrounding the bubbles; near the base of the reactor these
respective gas compositions are almost identical by the time
that bubbles approach the top of the bed. There is significant
exchange of gas between the bubbles and the surrounding emulsion
which causes a good mixing of the reactants and products of
combustion and gasification. Some particles are entrained into
the bubble through the wake.

Preliminary comparisons between the calculated exit gas
composition and that measured in the IGT experiments have been
made. For example, in the case of IGT Run EGO-33, we find very
good agreement between the model and the data for CO, CHg,
Hp and Ny but predict less Hy)0 and more COp in the exit
gas than is indicated by our interpretation of tﬁe experimental
measurements. For example, in the nitrogen-free product gas,
including steam, a comparison between our evaluation of the data
and a one-dimensional simulation of the reactor process gives
the composition mass flows in Table II.

TABLE II
COMPARISON OF PRODUCT AND GAS COMPOSITION IN EXPERIMENT
AND CALCULATION

Mass Flow
Species (1b/hr)
16T Calculation

co 38.9 38.5
€O, 62.1 83.0

Ho 3.9 g.;

CH 3.2 .

Hzg 93.1 79.0

where the approach factors expressed in Np-free mol percent X
are:

2

HZO

for the IGT and present cases respectively. There is
approximately a 20 percent discrepancy between the IGT data and
the present simulation with regard to COp and H)0 but there
is excellent agreement on the other species. We also note that
the total oxides of carbon are within 20 percent agreement. The
reason for the difference in steam consumption between
calculation and experiment is not clear. We note, however that

= 0.377, 0.730
XCo X
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the approach factor in the IGT experiments (specifically our
interpretation of that data), if indicative of equilibrium,
would suggest a temperature of approximately 2230°F which is
about 300°F higher than the largest temperature measured.

Simulation of  Westinghouse  Agglomerating  Combustor/

Gasifier. The design of the Westinghouse Agglomerating

Combustor/Gasifier includes a nozzle introducing a jet of
oxidant to create 1locally high temperatures for ash sintering
and agglomeration. The agglomerates are subsequently removed by
falling countercurrently through a cylindrical annulus
surrounding the oxidizing jet.

There is relatively little data obtained in the hot reactor
environment. Typical measurements include wall temperature
records and bed densities. However, there is a continuing cold
flow visualization test program at Westinghouse (40). Data from
that test program can be used to validate the hydrodynamic
aspects of the present model. Then, with that validation the
limited hot flow measurements can often provide sufficient
information about the validity of hot flow hydrodynamic
predictions. Indeed, in the work at Westinghouse some limited
hot flow data (40) was used to verify a jet penetration
correlation which had been developed from cold flow
visualization experiments. Such engineering judgements also
apply to the numerical ‘“experiments" which comprise our
simulation studies. The advantage of these numerical
"experiments" is that they are more cost effective and provide
more detailed information than the actual hot flow hydrodynamic
experiments.

In the following paragraphs we shall examine some cold and
hot flow calculations related to the hydrodynamics of the
Westinghouse Agglomerating Combustor/Gasifier.

In Figure 4 we show the cross-section of the Westinghouse
cold flow geometry and the corresponding geometry of the
computational grid in the numerical simulation. These are both
axisymmetric configurations where the axes of symmetry are to
the left of the respective figures. Typical cold flow reactor
conditions for an experiment and a calculation are shown in
Table III.

TABLE III
EXPERIMENTAL AND NUMERICAL COLD FLOW IN
WESTINGHOUSE REACTOR

Particle Diameter (ug) 2800
Particle Density (gm/cm?) 0.21
Mass Flow, Air Tube (gm/sec) 18.3
Mass Flow, Annulus (gm/sec) 12.3
Mass Flow, Cone (gm/sec) 0.22
Reactor Pressure (atm) 1.0

Reactor Temperature (°K) 293
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The numerical simulation of the cold flow experiment is in
the form of an initial value problem. The computational grid is
initially filled with particles and air, at atmospheric pressure
and ambient temperature. A flow field is established by gas
injections through the air tube, annulus and conical
distributors. Subsequently in the calculation a time varying
jet is established at the air tube, and the interaction of this
jet with the mass flows through the annulus and conical
distributors produces particle mixing within the reactor. We
find that good agreement exists between this numerical
simulation and the Westinghouse cold flow studies (40).

A time sequence of the calculated particle motion is shown
in Figure 5 where the centerline of the reactor is the lefthand
side and the outer radius of the reactor is the righthand side
of each frame in the sequence. The jet penetration is observed
qualitatively from the evolution of that flow region where there
are no particles. This jet is quite diffused in character and
is clearly a transient phenomenon. We define the jet length as
the voidage from the jet inlet. Thus, the bubble, before it
detaches from the jet, will be considered as part of the jet.
The calculation and experiment are in agreement with regard to
the bounds of jet penetration into the mix of particles and gas
surrounding the air tube. Further, as shown in Figure 6 the
mean jet penetrations in the calculation and in the experimental
observations are in good agreement.

Associated with the time dependent particle displacement and
transient jet is a gas velocity field. In Figure 7 the time
average of the gas velocity profiles, normalized by the inlet
jet velocity, as a function of the radial distance, normalized
by the air tube radius, in the calculation are shown as the
solid symbols centered on the axis of the air tube. The
calculated jet initially decays in magnitude and disperses
radially; but, at larger normalized axial distance y/ry > 10,
this decay decreases. To some extent this behavior reflects a
transition in the jet from a flow dominated by gas flow alone
for y/ro < 10 to a flow dominated by solid particle motion for
ylro > 10. The particles tend to drag the gas with them and,
since these particles are large, they maintain their momentum
and prevent the jet from decaying. In addition, this Jjet is
confined by the annulus in which the air tube is positioned
(c.f., Figure 4). This confinement also limits the dispersion
of the jet. There are not comparable measurements of gas
velocity in the experiments reported in (40). However, some
recent jet gas velocity measurements have been obtained in
(41). In these latter experiments the air tube was positioned
in the wide part of the cold flow rig, above the conical grid.
The velocities were larger than in the present calculation, by a
factor of 3 or more, and the bed was composed of denser
particles (0.9 gm/cﬁ3). The measured velocity profiles,
normalized and shown in Figure 7 as open symbols, reflect the
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Figure 5. Time sequence in numerical prediction of cold flow jet penetration and
particle mixing in Westinghouse reactor
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similarities and the differences between the latter experiment
and the numerical calculation of the jet. The dispersion of the
experimental jet is enhanced by the positioning of the jet in
the wider section of the reactor. However, despite such
differences the normalized calculational and experimental
velocity profiles in Figure 7 do show remarkable similarities
with regard to both the initially rapid dispersion of the jet
between y/ro = 4 and y/r, = 12 and to the radial extent of
the jet velocity field at most axial (y/rg) locations above
the air tube. Such comparisons tend to validate the
hydrodynamic mixing predictions of the numerical model.

This numerical model has also been used to predict the
hydrodynamic mixing in a hot vreactive environment. The
objective of the calculation is to demonstrate the influence of
coupled chemistry and hydrodynamics upon the hydrodynamic mixing
processes.

In this latter calculation, we use the same geometry as in
the previous cold flow calculation (c.f., Figure 4) but change
the reactor operating and feed conditions. While there are
geometrical differences between the Westinghouse cold and hot
flow rigs we, for this present hot flow calculation, keep the
geometries the same. The conditions for the hot flow
calculation are shown in Table IV where because of the higher
nominal gas density in the reactor we increase, relative to the
cold flow conditions, the mass flow through the air tube,
annulus and conical distributors, thereby maintaining the same
nominal superficial velocity in the reactor. Further, we load
the reactor with char particles having a particle density of 1
gn/cm® (in the present calculation the injection of coal was
not included in the simulation).

TABLE IV
REACTOR AND FEED CONDITIONS FOR NUMERICAL SIMULATION OF HOT,
REACTING FLOW IN WESTINGHOUSE REACTOR

Particle Diameter (um) 2800

Particle Density (gm/cm3) 1.0

Mass Flow, Air Tube (air, gm/sec) 68.5
Mass Flow, Annulus (H20, gm/sec) 6.5
(COp, gm/sec) 46.2
Mass Flow, Cone (H20, gm/sec) 2.13
Reactor Pressure (atm) 15.0

Reactor Temperature (°K) 1290.0

Thus the basic concept of scaling between cold and hot flows
which is used herein and implied by the choice of mass flows and
gas to particle density ratios in Tables III and IV is that
related to the gas density ratio between the hot and cold
flows. This scaling criterion, previously used by Westinghouse
(40) is, according to our present numerical calculations, a good
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one. This can be seen in Figure 8, where we show the numerical
prediction of the jet penetration. The mean jet penetrations in
the hot and cold flow cases are in agreement and both agree with
the Westinghouse data on jet penetration. Further, in that
Figure 8, we indicate a single hot flow measurement by
Westinghouse (40) which coincides with their cold flow data and
by implication suggests that the hot flow numerical calculation
is valid.

In addition, the numerical calculation can provide
descriptions of the temperature, gas composition, and particle
conversion within the reactor. In Figure 9 we show a time
sequence of temperature distribution in the gasifier. The
oxygen is injected through the air tube and is rapidly consumed
by reaction with the char. This oxygen enters the reactor at a
temperature of 840°K and, through the combustion which occurs
where oxygen and carbon meet, the products of reaction are
heated to provide the initial high temperature in the vicinity
of the air tube. Subsequent mixing and the endothermic
gasification reactions moderate the temperature to provide a
fairly uniform temperature distribution in the gasifier.

Concluding Remarks

The fluidized bed coal gasifier computer model is designed
to provide a description of the hydrodynamic mixing and coupled
chemistry within the reactor. This model should permit a
designer to predict:

bubble size,

gas composition and temperature,

stagnant particle regimes,

elutriation,

jet penetration,

and solids mixing.

It 1is basically a hydrodynamic model, including particle
scale effects, which can, therefore, be used to study scale-up
and optimization of fluidized bed gasifiers. The hydrodynamic
component of the model has been validated through comparison
with cold flow visualization data and 1limited hot flow
measurements.

The chemistry component of the model is, in most aspects,
identical to the chemistry of the classical models of fluidized
bed gasification. A major difference between the classical
reactor models and the present fluidized bed coal gasifier
computer model is that the classical models require
specification of the bed hydrodynamics, such as bubble size.
The present model can predict bubble size and the associated
solids mixing. Again it is expected that the two types of
models are complimentary. The present model can be used to
define the hydrodynamics in the hot reactive environment and
these hydrodynamics (e.g., bubble size) can then be used as
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input to the classical models for a detailed engineering
calculation of, say, mass and energy balances for the reactor.

Legend Of Symbols

do = air tube diameter (cm)

fi = function of partial pressures of reactants in
reaction i.

Fp = Froude number

G = gas volume flow rate (ml/sec)

g = acceleration of gravity

K = kinetic rate coefficient for heterogeneous
reaction i (gm/dyne sec)

Ko = int;a—partic]e diffusion coefficient (gm/dyne
sec

KoE = extra-particle diffusion coefficient, i.e., ash
layer of particle (gm/dyne sec)

L = mean jet penetration length - the mean of the

. maximum and minimum jet lengths

Rj = rate of carbon mass loss per unit surface area
in ith reaction

r = radial distance (cm)

ro = air tube radius (cm)

ry = bubble radius (cm)

Vo = air tube gas velocity (cm/sec)

) = velocity vector of a solid particle (cm/sec)

v = gas velocity

vb = bubble volume (ml)

Vp = bubble velocity (cm/sec)

X = mol percent (Ny free)

X = spatial wvariable in horizontal or radial
direction (cm)

y = spatial variable in vertical direction (cm)

Y = mole ratio of carbn to oxygen involved in
reaction

At = time increment

AX,AYy = spatial increment in x and y, respectively

ofs 0p = mass _densities of gas and solid phases
(gm/cm3)
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Study of the Behavior of Heat and Mass Transfer
Coefficients in Gas—Solid Fluidized Bed Systems
at Low Reynolds Numbers

J. RAMIREZ, M. AYORA, and M. VIZCARRA

Departamento de Ingenieria Quimica, Divisién de Estudios de Posgrado,
Facultad de Quimica, Universidad Nacional Auténoma de México

Correlations to estimate heat and mass transfer
coefficients in gas-solid fluidized beds operating
in the controversial low Reynolds numbers zone are
proposed.The correlations incorporate the influence
of particle diameter to bed length and particle
diameter to bed diameter ratios and gas flowrate.
Also, the experimental data are used to analyse the
models proposed by Kato and Wen , and Nelson and
Galloway in order to explain the behaviour of fluid
bed systems operating at low Reynolds numbers.

In spite of the amount of research effort directed towards
the determination of the fluid to particle heat and mass transfer
coefficients in fluidized beds of fine particles,there is a wide
spread in the correlations proposed to estimate them.

A close look at the available experimental data on heat and
mass transfer coefficients (l),shows that in the low Reynolds
numbers zone exists the peculiar fact that both,the heat and mass
transfer coefficients fall well below the value predicted by Ranz
(2)for a single sphere submerged in a fluid in laminar flow(Sh=2).
In this zone,the numerical results from the different studies also
show major disagreement. In general, this is not the case in the
high Reynolds numbers zone.

Literature correlations to estimate heat and mass transfer
coefficients are generally of the form: Sh=a Re™ (3).In general,
they do not take into account the scale factors dp/D and dp/L
which should be important, especially in the case of fluidized
beds, given the complex hydrodynamics of these systems.

From studies on the behaviour of fluidized beds it is already
known that bubbles are of great importance if one seeks to
describe these systems . Mori and Wen(4)have shown an influence
of the ratio dp/D on the growth of bubbles, and it is well known
that bubbles grow when they rise through the bed. Clearly,it
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should be important to include the factors dp/D and dp/L in the
correlations to estimate fluid to particle mass and heat transfer
coefficients in fluidized beds.

Kato and Wen (5) found, for the case of packed beds,that there
was a dependency of the Sherwood and Nusselt numbers with the
ratio dp/L. They proposed that the fall of the heat and mass
transfer coefficients at low Reynolds numbers is due to an
overlapping of the boundary layers surrounding the particles which
produces a reduction of the available effective area for transfer
of mass and heat. Nelson and Galloway (6) proposed a new model in
terms of the Frossling number, to explain the fall of the heat and
mass transfer coefficients in the zone of low Reynolds numbers.
The model was developed to show that if the proper boundary
conditions are used,one should not expect at low Reynolds numbers
that the Nusselt and Sherwood numbers approach the limiting value
of two, which is valid for a sphere in an infinite static medium.
Since the particles are members of an assemblage, they assume in
their model that there is a concentric spherical shell of radius
R>r , on which the radial derivative of temperature or
concentration is zero. This change in the boundary condition has
a profound effect on the character of the transfer process,
especially at low Reynolds numbers. In this case, the dependence
of Sherwood number on Reynolds number becomes linear at low enough
flowrates, and the limiting zero flow value of the Sherwood number
is zero.

The model proposed by Nelson and Galloway can be stated as
follows:

1 5 ,2 3., _ dc
Drz ot T 3 ) T ae

c(r,0)=C°
c(ro,t)=Cg

3c(R,t )= 0

I o
which for the limit of interest when Re = 0 gives:

2

1 1 a
i = - 1lj=— Re S
lim Sh 173 173 2 e Sc

Re+>0 (1-¢) (1-¢)

Nelson and Galloway (6) propose a value of a= 0.6 as an
aproximation to compare experimental data.Clearly,the proposals of
Kato and Wen (5) and Nelson and Galloway (6) are the most
interesting ones.

In the present work, fluidized bed studies of simultaneous

2/3
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heat and mass transfer are performed and analyzed in an effort to
add some light into the zone of low Reynolds numbers.

To this end, experimental heat and mass transfer coefficients
were determined in a fluidized bed. Nusselt and Sherwood numbers
were obtained in terms of Reynolds number and aspect ratios dp/L
and dp/D. The results are also analyzed in terms of the Kato and
Wen(5) and Nelson and Galloway(6) models.

Experimental Work

Figure 1 depicts the experimental apparatus used in the
determination of heat and mass transfer coefficients.A compressor
(A) feeds the air to a tank (B), to minimize pulse fluctuations
in flowrate. The air is dried as it passes trough a bed of silica
gel (C). Air flowrate is measured with a rotameter and in addition
with a calibrated capillary meter(E). The inlet air moisture
content is measured by means of a dry and wet bulb thermometer
system (D) prior to its entrance to a coil submerged in a constant
temperature bath (F). From here, the air enters the bottom of the
fluidized bed (G) where its temperature is measured.The fluidized
bed consisted of an insulated QVF glass tube 2 inches in diameter
and 12 inches in length. A system for the collection of fines(I)
was installed after the bed to evaluate entrainment, although at
all experimental conditions used in this work entrainment was
absent. A thermometer placed on top of the bed of solids was used
to measure the temperature of the bed exit.Air moisture content
was also determined at the outlet of the fluidized bed by means
of a hygrometer and a wet and dry bulb temperature system(J).

At time intervals, a sample of solid was taken out of the
bed for moisture content analysis. This was determined by weight
using an analytical scale.

The data used for the calculation of heat and mass transfer
coefficients were taken only from the constant rate drying period.
It was assumed that during this time the solid surface was well
saturated with moisture.

The solid used in this work was silica gel of two different
mean particle diameters. The fine silica gel ranged between 0.0058
to 0.0304 cm., and the coarser between 0.020 to 0.050 cm. in
particle diameters. The mean particle diameters were 0.0125 cm.
and 0.035 cm. respectively. Minimum fluidization velocities were
0.4113 cm/sec. and 1.67 cm/sec. respectively for the small and big
particle diameters.Solid particle density was 1.25 g/cm3.

In order to obtain uniform moisture content in the solid,
this was humidified in the same fluidized bed. The time interval
for data recording was normally 15 min.

The fluid bed distributor was an aluminium perforated disc
whose holes were 0.5 mm. in diameter arranged in one centimeter
square pitch. A stainless steel 325 mesh screen was fixed at the
entrance side of the perforated disc. The thermometers used for
temperature measuring had 0.1 degree centigrade divisions.In order
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Figure 1. Experimental apparatus: A, air compressor; B, tank; C, silica gel trap;

D, dry and wet bulb thermometer system; E, capillary meter; F, constant tempera-

ture bath; G, fluidized bed; 1, fines collector, J, dry and wet bulb thermometer sys-

tem; T,, entrance temperature thermometer; H, U tube manometer; T,, outlet
temperature thermometer
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to avoid condensation problems and to maintain uniform operating
temperatures, all lines after the constant temperatures, all
lines after the constant temperature bath as well as the fluidized
bed were well insulated with glass fibre and asbestos tape.

At time intervals, air and solid moisture content was
determined in order to construct the drying curves.A typical set
of drying curves is presented in Figure 2.

By carrying out mass and heat balances over the constant rate
drying period, mass and heat transfer coefficientes can be
obtainded:

di _
Py de - kmA Ky Ky e, !
from this equation; the mass transfer coefficient can be readily
obtained if one knows the slope of the graph of solid moisture
content versus time and the humidities of the air:
dH
o, (-5
km = —= do 2
A X bh -X) M Pa

Similarly, the heat balance equation is:

(dn

~fs L 30

_ha
) =% (T Ty

accordingly the heat transfer coefficient will be expressed as:

du
Py (- a0 ) A

AT - Tp) M

h

Experimental Results and Conclusiones

During the experimental runs, the air flowrate was varied
over the range 5.3 to 20.29 1/min. (Re=0.28 to Re=3.0), the bed
heiglitwas also varied between 2 and 8 cm. Also, two different
particle diameters were used. This gave a variation of the dp/L
ratio from 0.0016 to 0.0152 and the dp/D ratio from 0.025 to 0.007
that is an order of magnitud in both ratios.

From the experimental data, taken at time intervals and
equations 2 and 3, experimental heat and mass transfer coefficients
were obtained. Tables I and II show the values of the experimental
heat and mass transfer coefficients.

Figures 3 to 5 show the effect of introducing the scale
factors dp/L, dp/D into the correlations to predict heat and mass
transfer coefficients.

It comes up clearly from these figures that one way not to
correlate heat and mass transfer coefficients, at least in
fluidized bed systems, at low Reynolds is a correlation of the
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Figure 2. Typical drying curves; L — 4; D — 5.08; dp = 0.0125: Re —
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Table I. Calculated values of the mass transfer coefficient at
the different operating conditions.

dp=0.035 cm. dp=0.0125 cm.
km' (m/hr) km"(m/hr)

Re L/D=0.39 L/D=0.76 L/D=1.49 Re L/D=0.39 L/D=0.76 L/D=1.49

3.05 35.55 19.62 19.14 1.06 48.06

2.48 18.64 0.94 37.52 31.34 10.42
2.20 25.36 16.90 0.85 17.31 7.33
1.74 17.18 11.25 7.93 0.66 23.75 16.19 6.64
1.40 13.08 7.76 0.46 15.79 11.47 5.87
1.22 4.58 0.28 13.34 6.58 4.48

Table II. Calculated values of the heat transfer coefficient at
the different operating conditions.

dp=0.035 cm. dp=0.0125 cm.
km' (m/hr) km' (m/hr)

Re L/D=0.39 L/D=0.76 L/D=1.49 Re L/D=0.39 L/D=0.76 L/D=1.49

3.05 8.09 4.92 5.37 1.060 11.97

2.48 3.92 0.941 8.56 1.72 2.39
2.20 6.10 3.64 0.850 4.48 1.89
1.74 3.99 2.52 1.68 0.663 5.12 3.84 1.68
1.40 3.09 1.82 0.462 3.36 2.90 1.38
1.22 1.09 0.285 3.08 1.60 1.08
0.826 1.03
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Figure 3. Effect of the dp/L ratio on the estimation of Sherwood numbers: (@)

L/D = 0.39, dp — 0.0125; (A) L/D = 0.76, dp = 0.125; () L/D = 1.49,

dp = 0.0125;(O) L/D = 0.39, dp = 0.035; (A) L/D = 0.76, dp = 0.035; ([J)

L/D = 1.49, dp — 0.035. The crossed squares ([7)) encompass all the experi-

mental data and line A shows the fit to the correlation: Sh — 0.4329 (Re)’’
(dp/L)?5 (Sc)*
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Figure 4. Effect of the dp/L ratio on the estimation of Nusselt numbers: (@)

L/D = 0.39, dp — 0.0125; (A) L/D = 0.76, dp = 0.0125; (l}) L/D = 1.49,

dp = 0.0125; (O) L/D = 0.39, dp = 0.035; (/\) L/D = 0.76, dp = 0.035;

(0J) L/D = 1.49, dp — 0.035. The crossed squares (I/]) encompass all the experi-

mental data and line A shows the fit to the correlation: Nu — 0.3726 (Re)™5 (dp/
L)0.54 (Pr)0.33
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Figure 5. Effect of introducing both aspect ratios dp/L and dp/D on the correla-
tion to estimate the Sherwood number: (®) L/D = 0.39, dp — 0.0125; (A) L/D
= 0.76, dp = 0.0125; (W) L/D = 1.49, dp — 0.0125; (O) L/D = 0.39, dp —
0.036; (A\) L/D = 0.76, dp = 0.035; ((]) L/D = 1.49, dp = 0.035. The crossed
squares (7)) encompass all the experimental data and line A shows the fit to the
correlation: Sh — 0.00632 (Re)*-¥* (dp/L)%" (dp/D) ! (Sc)*#
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form Sh=a Re" or Nu=a Re”. Unfortunately,this is the way in which
the data are presented in the literature.

Exclusion of the dp/L and dp/D ratios from the correlations
lead to gross errors up to 200% in the prediction of heat and mass
transfer coefficients. Correlations of this form will be too
particular to be useful for design.

The final correlations obtained which encompass all the
experimental data in this work are:

Sh= 0.00632 (Re)1*17(dp/1)073(dp/p)~0-91(5c)0-33

1.14 0.71 -0.94 3

Nu=0.004948 (Re)**(dp/1)°* 71 (dp/D) (er)?-3

One can see from the values of the exponents in the aspect
ratios dp/D and dp/L, that both parameters are important and their
influence cannot be neglected.

As for the Nelson and Galloway model, Figures 7 and 8 show
that the proposed model predictions get closer to the experimental
results as long as one uses a different value of the parameter o,
The value of ®=0.6 proposed by Nelson and Galloway predicts too
high values of the mass transfer coefficients. If one uses a value
of a=0.3, the model predictions get closer to the experimental
results of this work.

In other works(7,8) , Galloway and Sage state that the
Frossling number (o) varies in the turbulent regimes(900<Re<75000)
from 0.5 to 1.6.Given the low Re nolds numbers in this work it is
quite possible that o should have a value lower than 0.5.This is
in agreement to the value of 0.3 which makes the model predict in
the range of our experimental values.

Finally, Kato and Wen(5) have proposed that the drastic fall
observed for heat and mass transfer coefficients in the zone of
low Reynolds numbers is due to an overlapping of the boundary
layers surrounding the solid.

This overlapping will in fact reduce the available area for
heat and mass transfer. During the present work , some boundary
layer thicknesses were estimated for the experimental conditions
of this work. As a result , the boundary layers only overlap for
Reynolds numbers below 0.826. For the case of Reynolds numbers of
1.74 and 3.05 using the particle diameter of 0.035 cm. , the
boundary layers do not overlap.Table III shows some of the values
obtained.Clearly, this effect cannot explain completely the low
heat and mass transfer coefficients at low Reynolds numbers.

Summing up, for design purposes one should continue using
empirical correlations and from this, the ones which include the
effect of the scale factors dp/L, dp/D, as the ones proposed in
this work , especially at low Reynolds numbers.

As for the theoretical explanation of lower heat and mass
transfer coefficients:

The Kato and Wen proposal does not seems to explain all
the experimental findings,and the Nelson and Galloway model seems
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Figure 6. Effect of introducing both aspect ratios dp/L and dp/D on the correla-
tion to estimate the Nusselt number: (®) L/D = 0.39, dp — 0.0125; (A) L/D =
0.76, dp — 0.0125; () L/D — 149, dp — 0.0125; (O) L/D = 0.39, dp =
0.035; (A)L/D = 0.76, dp — 0.035; ((J) L/D = 1.49, dp = 0.035. The crossed
squares (/1) encompass all the experimental data and line A shows the fit to the
correlation: Nu = 0.004948 (Re)!-* (dp/L)% (dp/D) %% (Pr)°-%
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Figure 7. Experimental and predicted values of the Sherwood number using Nel-

son and Galloway model with « = 0.6: (®)L/D = 0.39,dp = 0.0125, e = 0.77;

(A)L/D =0.76, dp — 0.0125, ¢ — 0.74; () L/D = 1.49, dp = 0.0125, ¢ =

0.71; (O) L/D = 0.39, dp = 0.035, e = 0.69; (A) L/D = 0.76, dp = 0.035,

e = 0.66; ((]) L/D = 1.49, dp = 0.035, ¢ — 0.63. The broken lines show the
model predictions.
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Figure 8. Experimental and predicted values of the Sherwood number using Nel-

son and Galloway model with « — 0.3: (®) L/D = 0.39,dp = 0.0125, ¢ = 0.77;

(A)L/D = 0.76, dp = 0.0125, e — 0.74; (W) L/D = 1.49, dp = 0.0125, ¢ —

0.71; (O)L/D = 0.39,dp = 0.035, ¢ = 0.69; (A) L/D = 0.76, dp = 0.035, e =

0.66; ((J) L/D = 1.49, dp = 0.035, ¢ — 0.63. The broken lines show the model
predictions.

Table III. Momentum (S) and mass (Sm) boundary layer thinckness
calculated at the different operating conditions.

dp=0.035 cm dp=0.0125 cm.

Re S(cm) Sm(cm) Re S(cm) Sm(cm)
0.2845 0.0147 0.0154 0.100 0.1600 0.1800
0.2845 0.0144 0.0151 0.826 0.0287 0.0301
0.2845 0.0138 0.0145 0.826 0.0274 0.0287
0.4616 0.0096 0.0101 0.826 0.0262 0.0274
0.4616 0.0094 0.0098 1.74 0.0136 0.0142
0.4616 0.0090 0.0094 1.74 0.0130 0.0136
1.06 0.0076 0.0080 1.74 0.0124 0.0130
1.06 0.0075 0.0079 "3.05 0.0078 0.0082
1.06 0.0072 0.0075 3.05 0.0074 0.0078
3.5 0.0038 0.0040 3.05 0.0071 0.0074
3.5 0.0037 0.0039
3.5 0.0037 0.0038
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